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LOW-SULFUR LIQUID FUELS FROM COAL
Sayeed Akhtar, Sam Friedman, and Paul M. Yavorsky

Pittsburgh Energy Research Center, U.S. Department of the Interior,
Bureau of Mines, 4800 Forbes Avenue, Pittsburgh, Pa.- 15213

INTRODUCTION

Coal combustion is a major source of sulfur dioxide, and since electric utilities
are the major consumers of coal, power generating stations are the principal points
of origin for this pollutant.1 Consequently, the air pollution regulations de-
signed to check the emission of sulfur dioxide concern-the electric utilities,

The sulfur dioxide abatement regulations of many communities translate to a per-
missible concentration of 0.3 - 1.0 percent sulfur in fuels,? with 0.7 a common
limit., This level of sulfur is too low for most of the coal that has been con-
sumed by power generating stations to be permissible fuels.3 The present work
describes a method for producing an acceptable low-sulfur utility fuel by hydro-
desulfurizing coal catalytically in a continuous fixed-bed reactor.

The reaction of coal with hydrogen has been studied extensivelg in the past with
the objective of producing gasoline and special fuel 0ils.t?5> At elevated tem~
peratures and pressures and in the presence of suitable catalysts, coal reacts with
hydrogen to give a mixture of liquid and gaseous hydrocarbons and the heteroatoms
in coal are eliminated'as hydrides. The initial liquid hydrocarbon products may
then be upgraded to gasoline or other high grade fuels but an item of major cost

in the process is hydrogen. Coals contain about 5 percent hydrogen, gasoline about
14 percent, and many fuel oils about 9-11 percent. Thus, large quantities of hy-
drogen, an expensive gas, are required to produce gasoline or such oils from coal.
However, detailed considerations of past data reveal that the consumption of hy-
drogen in the primary liquefaction of coal is small; the bulk of the hydrogen is
consumed in upgrading the products of primary liquefaction. A solution to the fuel
problem of the electric utilities may, therefore, be found by limiting the hydro-
genation of the coal to the primary liquefaction step only, making desulfurization
with minimal hydrogen consumption the exclusive objective. The expenditure of hy-
drogen on the primary liquefaction of coal is of course unavoidable because of the
molecular alterations associated with removal of bound sulfur; however the far
larger expenditure of hydrogen in upgrading the products of primary liquefaction

to even lower molecular weights may be eliminated.

The work of this report shows that the reaction of coal with hydrogen may be con~
ducted under select conditions that promote desulfurization but minimize additiomal
hydrogenation of the products from the primary liquefaction. The relatively vis~
cous liquid product may then be used as a low-sulfur utility fuel either directly
or after further physical refinement by removal of the ash and unreacted coal, de-
pending on the design of the furnace to be fired with it. An ash~free fuel is

of considerable benefit to some furnace-boiler or even turbo-engine installations.

Hydrodesulfurization of a tar slurry of coal containing 3.4 percent sulfur to

yleld a fuel having 0.3 percent sulfur at 4,000 psig was described in our earlier
publication.? It has now been found that fuel oils containing an equally low level
of sulfur are obtained at the more economical conditions of reduced pressure of
2,000 psig and shorter residence time when the product is centrifuged and recycle
oil is used instead of tar as feed vehicle. Complete solids removal would yield
oils of only 0.18 percent sulfur from this coal at these conditions. The yields
and chemical and physical properties of desulfurized synthetic fuel oils from three
different coals are detailed in this report.
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EXPERIMENTAL

Basically, to effect hydrodesulfurization without unnecessary hydrogenation, a
short residence time in a packed-catalyst-bed reactor is used. Conditions are
highly turbulent to prevent plugging and to assist catalysis. Extensive engin-
eering details concerning plant operations and selection of conditions have been
presented elsevhere; !0 thus a brief description of the experimental approach suf-
fices here.

Plant and Procedure. Figure 1 is a simplified diagram of the hydrodesulfuriza-
tion plant. The reactor was a 68-foot long tube of 5/16-inch id, folded into
3-1/2 hairpin loops to fit inside a vertically placed, 10-foot long, cylindri-
cal furnace of 10-inch id. The reactor was chareed with about 2 1b of a com-
mercial Co-Mo/Si0;~A1,03 catalyst. The feed stream of coal slurry in high-tem-
perature tar and hydrogen passed through a preheater before entering the reactor
from the bottom end. The product stream leaving the reactor at the top end

was led through a water-cooled condenser to a high-pressure receiver for liquid
ptoducts. The liquids and unreacted solids were collected in this receiver from
where they were intermittently discharged into a vessel at atmospheric pressure.
The gases leaving the receiver were passed through a second condenser and a second
high-pressure receiver to ensure condensation and collection of any low-boiling
product not retained in the first receiver. It may be mentioned, inter alia,

that in the series of runs described in this paper, no liquid was collected in
the second high-pressure receiver. The gas stream was scrubbed with alkali solu-
tion to remove HyS and NH3, then finally reduced to atmospheric pressure, metered,
sampled, and flared. In multiple-~pass experiments, the products were reintro-
duced into the reactor for as many repeated hydrotreatments as desired.

Since a commercial operation will almost certainly be conducted with slurries of
coal in a portion of the steady state Iiquid generated in the process itself, the
hydrodesulfurization of coal in a vehicle of coal-~derived liquid was also studied.
The coal-derived liquid was prepared by conducting a 4-cycle hydrodesulfurization
experiment in which the feed for the first cycle was a slurry of 30 wt pct coal
in tar while the feeds for the second, third, and fourth cycles were slurries of
30 wt pct coal in the centrifuged liquid products from the preceding cycle. It

is estimated that the centrifuged liquid products from the fourth cycle contained
at least 80 percent coal-derived liquids.

For secondary reasons, continuous operation of the plant was limited to a maximum
of 12 days after which the plant was shut down for 2 days. Each run was started
with a newly made reactor charged with fresh catalyst.

Sampling of the Products and Analysis. The liquid products from 25 1b of slurry
feed were collected in a batch and sampled for analysis. Benzene insolubles, as-
phaltenes, and oils were determined by conventional solvent analysis: asphaltenes
are soluble in benzene but insoluble in pentane, whereas oils are soluble both in
benzene and pentane. Ash was determined by igniting the benzene insolubles. The
concentrations of sulfur in the total liquid products and in the benzene insolu-
bles, asphaltenes, and oils separately were determined by the Bomb-Washing Method.’
The distribution of pyritic, organic, and sulfate sulfurs in the benzene insolu-
bles was determined by the method recommended for the determination of forms of

sulfur in coal,® The sulfur in asphaltenes and oils was assumed to be all or-
ganic. °

Samples of the tail gas were analyzed periodically by gas chromatography to
determine the formation of gaseous hydrocarbons. A small amount of methane is

. made.
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Materials. Analyses for the three different feed coals and the high-temperature
tar used in this work are presented in table 1. The coals were ground to pass

100 percent through a l4-mesh U.S. Standard sieve and 70 percent through a 200~
mesh sieve. The high-temperature tar was derived from the coking of metallurgical
grade bituminous coal and had been topped to 400° C by the suppliers, Koppers Co.,
"Inc.* The Co-Mo/S10,-Al,03 catalyst was purchased from Harshaw Chemical Co.
(Manufacturer's identification number: 0402T).

' RESULTS AND DISCUSSION

Hydrodesulfurization of Coal Using High-Temperature Tar as Vehicle. The results
from the hydrodesulfurization of three different coals in a vehicle of high-tem-
perature tar at 2,000 psi and 450° C are presented in tables 2 and 3. The tar
was a useful facsimile of recycle product oil until it became available. In tar,
Pittsburgh seam coal containing 1.3 percent sulfur was desulfurized to a fuel
containing 0.3 percent sulfur, an Indiana #5 seam coal containing 3.4 percent
sulfur was desulfurized to a fuel containing 0.42 percent sulfur, and a Middle
Kittanning #6 seam coal containing 3.0 percent sulfur was desulfurized to a fuel
containing 0.36 percent sulfur. In each case, the ash in the feed remained quan-
titatively in the products. The calorific value of the products from the three
coals were about the same, 16,400 Btu/lb. About 284 scf of H, was consumed in
processing 100 1b of the feed prepared from Pittsburgh seam coal, 304 scf of Hj,
in processing 100 1b of feed prepared from the Indiana #5 seam coal, and 330 scf
of Hy in processing 100 1b of feed prepared from Middle Kittanning #6 coal. These
figures for the consumption of hydrogen were calculated from the analyses of the
feeds and the products and the yields of the liquid and gaseous products. The
eliminated sulfur was assumed to be in the form of H,S and nitrogen as NH3. The
consumption of hydrogen for reaction with oxygen was calculated by assuming total
elimination of oxygen from the product. Determinations of qkygen by difference
supports this assumption. In-view of expected inaccuracies, these indirect figures
should be considered only approximately indicative of the hydrogen requirement
for the process. The plant is being modified to measure the consumption of hy-
drogen directly.

From the additional properties of the products listed in table 3, it is seen
that the viscosities of the products from the two high-sulfur coals are lower
than the viscosity of the products from Pittsburgh seam coal. ‘It appears that
the lower grade coals hydrogenate more extensively.

None of the products in table 3 contained components distillable below 200° C
and the fraction distillable below 355° C was about the same, 20 percent by weight

for each of the products.

Hydrodesulfurization of Coal in a Vehicle of Coal-Derived Liquid and the Properties
of the Products Before and After Centrifugation. Tables 2 and 3 also contain the
results from the hydrodesulfurization of Middle Kittanning #6 coal in a vehicle
* of coal-derived liquid (recycle oil). It may be noted that these results refer
to a one-pass hydrotreatment of the feed compared to three-pass hydrotreatments
of the feeds prepared in high-temperature tar. Thus the residence time is only
one-third of that used for the tar slurry feeds. The concentration of sulfur
in the products was 0.48 percent before centrifugation and 0.31 percent after
centrifugation. The centrifugation residues amounted to about 9.5 percent by
weight of the whole liquid products, and consisted of 33 percent organic benzene

* -References to specific brands of materials are made for identification only
and does not imply endorsement by the Bureau of Mines.



TABLE 1.- Analyses of the feed coals and feed tar, as received .

hvbb Middle

hvab hvbb High-
Pittsburgh Indiana #5 Kittanning #6 temperature
seam coal seam coal seam coal tar
Proximate analysis, wt pct
MoiStUure ...eesvessese . 1.0 6.1 2.4 -
Ash .. ieivienneiennans 11.1 8.9 9.4 -
Volatile matter ...... 33.7 38.6 39.2 -
Fixed carbon ......... 54.2 46.4 48.6 -
Ultimate analysis, wt pct
Moisture ...... Creseees 1.0 6.1 2.4 -
V-« 11.1 8.9 9.8 0.7
Carbon ....cvienvennaen 73.5 67.0 © 71.0 92.3
Hydrogen .......c.c.oce.. 4.9 5.3 5.2 4.9
Nitrogen ......veeevese 1.4 1.4 1.3 1.2
Oxygen, by difference . 6.8 7.9 7.3 0.3
Sulfur ........ Ceeesee 1.3 3.4 3.0 0.6
as sulfate ....... 0.07 0.37 0.01 -
as pyrite ....... 0.60 0.98 .1.28 -
as organic ....... 0.63 2.07 1.71 0.6
Solvent analysis, wt pct
Benzene insolubles .... - - - 14.0
Asphaltenes ........... - - - 39.6
L T PN - - - 46.4
Heat content, Btu/lb ...... 13,320 11,750 12,540 16,260
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TABLE 2.- Hydrodesulfurization of coai slurries

at 450° C and 2,000 psi

Slurry feed rate: 5 lb/hr
Hydrogen feed rate: 500 scfh

Feed ' Gross 0il Product Analysis
Calorific  H,; consumed,
S, Ash, value, scf/100 1b
wt pct wt pct Btu/1lb of feed
30 wt pct Pittsbur§h '
seam coal in tar* ,......ce000.. 0.3 1.5 16,450 284
30 wt pct Indiana #5
seam coal in tarl ,............. 0.42 2.7 16,415 304
30 wt pct Middle Kittanning
#6 seam coal in tar! ........... 0.36 2.5 16,310 330
30 wt pct Middle Kittanning
#6 seam coal in coal-derived
liquid,? ] )
before centrifugation ....... 0.48 3.5 16,200 139
after centrifugation3 ....... 0.31 1.3 16,840 -

T™ 3-pass hydrotreatment.
2 1-pass hydrotreatment.
3 Centrifuge cake = 9.5 percent of gross product.
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insolubles, 28 percent ash, 9 percent asphaltenes, and 30 percent oil. As may
be expected, the specific gravity of the products was lower after centrifuga-
tion than before, but the viscosity of the products was surprisingly higher
after centrifugation than before. This was probably due to atmospheric oxida-
tion of the products during storage prior to centrifugation and during centri-
fugation, As is known, products of coal hydrogenation are sensitive to atmos-
"pheric oxidation.

It is interesting to note from table 2 that H, consumption drops remarkably when
recycle oil is the vehicle instead of tar. As expected, the recycle oil is not
as susceptible to further hydrogenation as tar is to initial hydrogenation.

Forms and Distribution of Sulfur in the Products. The forms and distribution

of sulfur in the products from the hydrodesulfurization of Middle Kittanning

##6 seam coal in high-temperature tar are presented in table 4. Similar data

for products from the same coal processed in recycle oil-have not been completed
at this writing. The concentrations of sulfur in the benzene insoluble, asphal-
tene, and oll fractions of the products were determined separately. The bulk

of the residual sulfur is always contained in the benzene insoluble fraction.
This fraction, amounting to 13.2 percent of the products, contained 1.54 percent
sulfur. The asphaltene and the oil fractions, which amounted to 21.7 and 65.1
percent of the products respectively, each contained 0.18 percent sulfur.

Thus it is clear that, if complete removal of the benzene insolubles could be
obtained, theoretically 87 percent of the products may be recovered as an ash-
free liquid containing only 0.18 percent sulfur. .Aside from its premium quality
as a fuel, such a liquid may be a valuable raw material for electrode carbon

and to fuel turbine engine electric generators.

A determination of the forms of sulfur in the benzene-insoluble fraction revealed
that 88 percent of the sulfur in it was organic, 7 percent pyritic, and 5 per-
cent sulfate. The sulfur in the asphaltene and oil fractions may be assumed

to be all organic. Thus, the total product contained 0.34 percent organic sul-
fur and only 0.01 percent each of pyritic and sulfate sulfurs. Since the feed
contained 0.38 percent pyritic and 0.93 percent organic sulfur, the pyritic
sulfur is evidently eliminated preferentially. '

Data reported previously showed that the fuel oil product from Pittsburgh seam
coal could have a sulfur content as low as 0.09 percent if the benzene insolubles
and ash are removed.

Yields. As is known, the concentrations of moisture, sulfur, and oxygen vary

" widely in coals. Removal of sulfur is of course the objective of the process,
but the desulfurization is necessarily accompanied by removal of moisture and
oxygen. Thus, ylelds of desulfurized fuels from coal may vary widely. If the
desulfurized products are centrifuged, the yield of the centrifuged fuel will
also vary with the concentration of mineral matter in coal. Evidently, a state-

“ment of yield will be meaningless unless accompanied by a statement of the maxi-
mum theoretical yield for each coal.

But even 1f the cumbersome practice of reporting yields together with the maxi-
‘mum theoretical yields is adopted, an important feature of the process will
remain masked. The calorific values of the products are higher than the calor-
ific values of the feeds, and despite mass losses in processing, the available
heat from the products is frequently more than the available heat from the feeds.
Thus, the heat content yields may be more than 100 percent even though the mass
yields are less than 100 percent. Since for evaluating a fuel-making process




TABLE 4.- Forms and distribution of sulfur in the products from

hydrodesul furization of 30 wt pct -Middle Kittanning #6

seam coal in tar

S, wt pct, in

Benzene insolubles (13.2% of Prod.) ..... 1.54
Asphaltenes (21.7% of Prod.) ............ 0.18
011 (65.1% 0f Prod.) weeevveeveeeecnn.. .. 0.18

Forms of S, wt pct, in the
benzene-insoluble fraction

Sulfate ......... [ I B §
Pyritic ... .. iieeiienerereinnnennenss.. 0.07
Organic ..... F Y e 1<)

Forms of S, wt pct, in the total
liquid products, assuming all S
in asphaltenes and oil to be organic

Sulfate .....coierensconssnscsssenasesass 0.01
Pyritic ... . cvveersvieceocaroescesceacs, 0.0l
Organic .......c.iettieerrennannconneasnns 0.34

Total .....vci0evuee. 0.36

S, wt pct, in the total liquid
products by direct determination ........... .. 0.38
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the relevant yield is obviously the heat content yield, the following discussion
will be in terms of Btu yields.

Generally, Btu yields in excess of 100 percent, when based on the liquid feed

_input, are explained thus: Hydrocracking reactions that produce lower mole-

cular weights are slightly endothermic and absorb energy from tlie reactor system;
more important, additional hydrogen is added to raise the calorific value.

From the figures presented in table 5, it will be seen that the Btu yields for

the products from the hydrodesulfurization of coals in high-temperature tar are,
in each case, in excess of 100 percent. The Btu yield for the hydrodesulfuriza-
tion of Middle Kittanning #6 coal in coal-derived oil is 97 percent before cen-
trifigation and 91 percent after centrifugation. It may be emphasized that the
figures refer to the yields based on total feed, not coal alone. High-tempera-
ture tar also undergoes hydrotreatment and so does the recycle oil but not as
extensively as tar. Therefore, the Btu yield appears lower for the recycle system.

SUMMARY AND CONCLUSIONS

It has been demonstrated that liquid fuels containing 0.3 percent sulfur may be
prepared in entirety from coals containing 3.0 - 3.4 percent sulfur by catalytic '
hydrodesulfurization in a continuous fixed-bed operation at 450° C and 2,000 psi,
followed by centrifugation of the products. The Btu yield of the centrifuged
fuel is 91 percent. In areas where air pollution regulations are less stringent,
the direct product of hydrodesulfurization may be used as a fuel without centri-
fugation., Such product contains 0.4 - 0.5 percent sulfur and its Btu yield is

97 - 102 percent. The desulfurized synthetic fuels are liquid at or near am—
bient temperature, suitable for direct use in oil-fired burners.

The residual sulfur in the products is essentially entirely of organic nature
and the bulk of it is contained in the benzene-insoluble components. Because
the product is liquid at low temperatures without significant volatility, solids
separation shou1€ be relatively easy, to yield an ashless, very low-sul fur fuel
oil. : :
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TABLE 5.- Yields of desulfurized fuels

Calorific Product
value Exptal. Calorific
of feed, Yield, value, Yield,
Feed Btu/lb wt pct Btu/1lb Btu pct
30 wt pct Pittsburgh seam
coal in high-temperature
BAL .veveevnnnresconssanssenss 15,378 94 16,450 100.6
30 wt pct Indiana #5 seam
coal in high~temperature
BAr ...ooveievererasoncancaonas 14,907 93 16,415 102.4
30 wt pct Middle Kittanning
#6 seam coal in high-tem- .
perature tar ...........c0.... 15,144 94 16,310 101.2
30 wt pct Middle Kittanning
#6 seam coal in coal-de-
rived liquids, +..ecoeveece--- 15,550 .
before centrifugation ..... 93 16,200 96.9
after centrifugation ....... 84 91.0

16,840
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 USE OF A REFINERY LP MODEL TO
DETERMINE VALUE OF COAL DERIVED LIQUID

Marshall E. Frank
Stephen N. Rothman

" Chem Systems Inc., New York, N.Y.
Bruce K. Schmid

The Pittsburg & Midway Coal Mining Co.
Merriam, Kansas

INTRODUCTION

" Conversion of coal to a synthetic liquid product has been studied experimentally for a
number of years. Because such processes appear to be moving closer to commercial reality, the
economics of these processes have received more emphasis in recent years. One of the major
problems in determining the economics of coal conversion processes involves settling on a value
for the coal-derived liquid. In some economic studies a price has been estimated for this
liquid based solely on the cost of producing it, including an arbitrary profit. Other studies, .
on the other hand, have tried to estimate a value for the coal-derived liquid on the basis of
one or more inherent properties, or have used a somewhat arbitrary value.

_ In actual practice, however, the value of a feed stock to a refinery depends primarily
upon the value of the products which can be made from it and the costs of processing to moke
such products. In the case of coal~derived materials, which have unusual characteristics com-
pared to most crude oils, this is believed to be the most realistic method of estimating its value.
This paper reports the results of such caleulations made for a liquid produced in a conceptual
coal conversion complex utilizing several experimental processes now being developed under

. sponsorship of the Office of Coal Research, U.S. Department of the Interior.

SOURCE OF COAL DERIVED LIQUID

This complex which produces the coal-derived liquid has been designated @ COG (Coal,
Oil, Gas) Refinery, since the two major products it produces from coal are the liquid
feedstock to a petroleum refinery and a high BTU synthetic natural gas. The primary conversion
step of this complex utilizes the Pittsburg & Midway Coal Mining Co's Solvent Refined Coal (SRC)

" process. Chem Systems has recently completed an economic evaluation of this complex for PAM.

: An overall flowsheet for the COG Refinery is shown in Figure 1. The following process-
ing steps are included: .

e SRC Process - This is the primary coal conversion step where coal is dissolved in
the presence of a process solvent and hydrogen at high temperatures (~825°F) and
pressures (1000 psia). The reaction product is filtered to yield solvent refined
coal, a low sulfur de-ashed product. Filter cake, containing undissolved coal
and ash is sent to the gasification section. A light oil, C5-450°F and gases, Cy-Cy4,
are also produced in the SRC process. '
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o Hydroconversion and Hydrotreating = These processes upgrade the solvent refined
coal and light oil produced in the SRC process to the coal-derived liquid product.

® Bi-Gas Process - This is Bituminous Coal Research's coal gasification process and
produces synthesis gas and methane directly from coal. This stream, ofter down~
stream purification steps, supplies the hydrogen requirements of the COG Refinery.

o Shift Conversion - This process shifts the CO in the Bi-Gas reactor effluent with
steam to produce hydrogen.

o Acid Gas Absorption - Conventional hot potassium carbonate processes are em-
ployed to remove CO2 and H2S from both the Bi-Gas effluent and the off-gases
recovered from other sections of the COG Refinery. The bulk of the CO2, con-
taining less than 5 ppm H3S, is vented to the atmosphere. All the hydrogen sulfide
with the rest of the CO2 is sent to a sulfur recovery unit. A portion of this purified
stream (approximately 80% Hp) is sent directly to the SRC process.

o Clean-Up Methanation - This process removes the residual CQO from shift con=
version to meet pipeline gas specifications.

¢ Cryogenic Separation - This low temperature separation is required to produce a 95%
H2 stream tor hydroconversion and hydrotreating. Methane is recovered here as the
pipeline gas product. LPG produced in various sections of the COG Refinery is also
recovered in this section.

As seen from Figure 1, the high BTU pipeline gas consists of methane generated in the Bi=Gas
and SRC processes and methane made in subsequent downstream processing steps.

The hydrotreated liquid product represents the material that will be fed to a petroleum re-
finery. Approximately 70% comes from hydrocracking and hydrotreating the solvent refined coal,
while the remaining 30% comes from hydrotreating the light oil produced in the SRC process. The

. SRC process has been evaluated in the laboratory and plans are underway for a pilot plant. The

design bases far the hydrocracking and hydrotreating steps have been estimated based on previous
work on similor materials. The liquid product from the hydroconversion sectian is a 750°F end
point material. The product obtained after hydrotreating is a C5~650°F distillate with an 35° AP|
gravity. This hydrotreated liquid product obtained from the COG Refinery represents a rela-
tively light moterial for feed to a petroleum refinery. Because of these properties, this coal-
derived liquid has been designated as "light refinery liquid".

The above describes how this liquid has been derived from the coal conversion processes
making up the COG Refinery. The conceptual nature of the COG Refinery has been described and
will be referred to later when the properties of the light refinery liquid and the way in which it
will be treated in a refinery will be discussed in more detail. Before getting to that, however, it
is appropriate now fo discuss the approach used in the evaluation of this liquid as refinery
feedstock.

APPROACH

The approach used in this study has been to determine the parity value of the light refinery liquid
to a refiner compared to a standard crude. Since the objective of a refiner is to make profit, he
would be willing to buy and process coal liquid as long as the properties of the coal liguid
allowed him to aperate as profitably os he could by processing crude oil. By determining the re-
turn on investment for a crude oil refinery, and fixing that return for a coal liquid refinery, the
value of the light refinery liquid can be calculated.
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In addition to compunng all crude oil and all coal hqund refineries, the evaluation also defermmed
the effect of running mixtures of natural crude and coal liquid. This was done to see if there might
_be synergistic effects when processing mixtures.

LP MODEL

The analysis was performed using Chem Systems* refinery linear program (LP) computer model. The
model considers the investment and operating costs associated with each of the process units which
can be included in a new refinery. |t makes the economic decision as to which units are to be in-
cluded in the refinery, the raw material allocation among all of the process units and product
blends, the operating severity of each process unit, and the optimum market slate from the refinery.
The mode! performs an objective analysis of each problem, determining the most profitable solution
available within the constraints placed on the problem.

A linear program is a technique for finding the optimum solution to a series of linear equations for
which there are more variables that equations e.g., an infinite set of possible solutions. In this
case, the optimum solution is the one which yields the most profitable operation for a specified

set of marketing, feedstock .and economic conditions. Certain voriobles ore specified, such as
capacity or feedstock, and other variables, such os operating severity levels, allocation of inter-
mediate process streams, etc. ore examined to find the solution which produces the maximum profit,

The refinery situation chosen for the evaluation is typical for the U.S. The total refinery through-
put was fixed at 100,000 BPCD to avoid problems with plont size and investment factors and to
match the totol coal liquid output from the coc§ Refinery. The process units, raw materials and
product specifications considered by the refinery LP for each case are indicated in Table 1.

TABLE 1 )
PROCESS UNITS CONSIDERED FOR THE REFINERY

Atmospheric Crude Distillation
Vacuum Crude Distillation
Naphtha Unifiner
. Catalytic Reformer
Catalytic Cracker
Distillate Hydrocracker
Alkylation
Isomerization
Gas Qil Desulfurization
Kerosine Desulfurization
Hydrogen Generation

RAW MATERIAL SPECIFICATIONS

Southwest Lovisiana Crude Oil $3.50/Bbl.
Light Refinery Liquid ' Price to be Determined
Normal Butane $3.00/Bbl.

" Iso Butane $3.25/8bl.

Total quantity of crude and coal liquid, 100,000 BPCD, Mleure varied in
steps from All Crude to A|| Light Refinery Liquid
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PRODUCT SPECIFICATIONS _
: Value
Quontity $/Bbl.
Gasoline Pool - 93 RON Unleaded 50,000 Min, 60,000 Max. 5.50
LPG » v Unrestricted 2.83
Number 2 Heating Qil ) Unrestricted : 4,75
Number 6 Heating Oil Unrestricted ©3.50
Refinery Fuel Gas (FOE) ' Unrestricted 3.80

The product specifications applied equally to all cases, and the reason for the limits on gasoline
production was to avoid the possibility of results so widely different as to prevent meaningful
comparison. The 93 RON clear specification on the gasoline pool is typical of what might be
expected by 1980 when the COG Refinery would be constructed. All feed and product prices,
invesfmehf, etc. are on a 1971 basis.

Before proceeding with the computer runs, certain decisions had to be made concermng the pro-

. cessing options, avcnlable for the light refinery liquid.

PROPERTIES AND DISPOSITION OF LIGHT REFINERY LIQUID |

Figure 2 shows a typical refinery configuration for feeding the coal liquid. - Basically three cuts
would be taken from the crude distillation unit:

* A C5-180°F cut would go either to an isomerization unit or directly to gasoline blending.

* A 180-375°F cut would go to a cofalyhc reforming unit for upgradmg into high octane
gasoline. .

¢ A 375-650°F cut would go either to o distillate hydrocracking unit or directly to the No. 2
fuel oil pool. The hydrocracking unit would produce a light naphtha for gasoline blending
ond a heavy naphtha for additional feed to the catalytic reformer. Previous work
treating coal derived liquid in a refinery has indicated that hydrocracking rather than
catalytic cracking should be employed to process this gas-oil cut.

Properties of each of the above cuts have been estimated and are shown in Table 2.
TABLE 2

INSPECTIONS ON LIGHT REFINERY LIQUID

Fraction

C5-180°F 180-375°F 375-650°F
Vol % 7.1 37.7 55.2
Wt. % - 5.4 36.3 58.3
Gravity, °API 90 43 28
Sulfur, ppm . Nil 10 100
Nitrogen, ppm 100 200 700
Oxygen, ppm 50 200 ' 400
P 50 20 6
(@) - . - -
N 47 65 57
A 3 15 37
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For comparison purposes, a typicoal refinery flowsheet for the all crude oil case is shown in Figure
3. As mentioned previously, cases have been considered for various mixtures of the two feeds.
In those situations, the LP model has the option of selecting the optimum flowsheet configuration

- considering all the processing units shown in Figures 2 and 3.

DEVELOPMENT OF DATA

In order for the LP model to function, certain basic process data had to be generated, such os yields,
investments and operating costs as a function of capacity for the catalytic reforming and hydro-
cracking units operating on the cuts from the light refinery liquid. - Once developed, this data

was incorporated into the basic LP data package so that the model could use it as required in deter- .
mining the optimum configuration for each case considered.

Since the COG Refinery is a conceptual design, light refinery liquid hos not been produced.
Therefore, there is no commercial or even laboratory data available for conventional processes
feeding this liquid.  However, previous work has been done on similar coal~derived liquids.
Chem Systems reviewed the work done by UOP on the synthetic crude produced from the bench
scale reseorch program on the Consol Synthetic Fuel Process. Additionally licensors of commercial
reforming and hydrocracking processes were sent the feed properties denoted in Table 2 for
their evaluation. These sources together with Chem Systems background on refinery operations
have been used to estimate the necessary data for the individual processing units.

Catalytic Reforming

As seen from Table 2 the 180-375°F feed to this unit is highly naphthenic, ca. 65%.

To attain high unleaded octane levels (95-102) simple dehydrogenation of the naphthenes
to aromatics is sufficient. Very little cyclization or hydrocracking of paraffins would be
required. This results in both a relatively simple plant and high Cs+ reformate yield.
Yields, investments and operating costs have been estimated for various severity levels
of reformer operation, ranging from octane numbers of 95 to 102 for the C5+ reformate.
Because the heteroatom content of the 180-375°F cut is relatively high, a pre~hydro-
treating step is necessary for reforming processes that employ a noble metal catalyst.

This is accomplished in the Naphtha Unifier as shown in Figure 2. .

Hydrocracking

This is @ conventional petroleum refining process that converts low quality middle and
heovy distillates into gasoline, jet fuel and high quality middle distillates. - There has
been some experimental work done by UOP in a pilot scale Isomax unit utilizing a feed~
stock obtained from Consol's bench-scale extract hydro oper<:l'ions(2 . The properties of
Consol's feedstock are comparable to the properties of the 375-650°F cut obtained from
the light refinery liquid= Their results have been used os a guide in estimating yields
and operating costs for the hydrocracking unit.

The light naphtha product (C5~180°F) from the hydrocracker has a clear octane number

of approximately 82 and is sent directly to the gasoline pool. The heavy naphtha product,
180 to 375°F, has a clear octane rating of approximately 63 and therefore must be further
up-graded before entering the gasoline pool. It is sent directly to the Catalytic Reformer,
bypassing the Naphtha Unifier since the heteroatoms have been removed in the hydro-
cracking operation.
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CALCULATED VALUE OF COAL LIQUID

The value of the coal-derived liquid has been determined for four different ratios of coal liquid

to Southwest Lovisiana crude. From the basic refinery LP model the retumn on investment has been
calculated for feeding 100% Southwest Louisiana crude at $3.50/Bbl. The value of the coal liquid
then was determined which would give the same profitability as the basic crude case. Coal liquid
is used to supplement Southwest Louisiana crude in percentages of 25%, 50%, 80% and 100%.

The results are summarized in Table 3. As seen, the value of the coal liquid ranges from $4.30-
$5.07 per barre! with the highest value ot 25% coal liquid. The value of the coal liquid as a
function of feedstock ratio is shown in Figure 4. This chart indicates that the coal liquid has

a higher value as a supplement to crude than when refined alone.

It can also be observed that one of the major effects of adding a coal liquid is to decrease the
overall investment required. for the refinery. The investment decreases from $92,100,000 for the
100% crude to only $66,100,000 for the 100% coal liquid. This reduction in investment results
since there are fewer processing units required for the all coal liquid case than with the all crude
oil case. Since the coal liquid has no fraction suitable for catalytic cracking, the capacity of
this unit decreases to zero as the quantity of light refinery liquid is increased to 100%. The same
is true for vacuum distillation since the coal liquid contains no residue. The yield of No. 6 fuel
oil is decreased substantially, of course, but ot the same time the more valuable No. 2 fuel oil
yield is increased. Furthermore, the high octane of the coal liquid reformate means that alkyla-
tion and isomerization units are not required to satisfy the gasoline pool octane requirement as
more light refinery liquid is fed to the refinery. The overall effect of these changes is to increase
the overall yield of products from the refinery and to decrease both the investment and operating
costs. These advantages explain why the coal liquid has a higher value than that of Southwest
Louisiana crude.,

.

SYNERGISTIC EFFECTS

The dramatic chonge in the value of light refinery liquid with the changing mix of crude oil and

.coal liquid can be explained by examining the gasoline pool. For the all crude case it is- costly

to the refiner to make 93 RON unleaded gasoline, and anything which relieves the difficulty is
valuable to the refinery. Since the light refinery liquid is highly naphthenic, it produces a high
octane reformate which is desirable for blending into the gasoline pool. Case Hl, (25% cocl
liquid) takes full advantage of this material by blending off the high octane components with
reformate from the Southwest Louisiona naphtho. Since this minimizes yield losses from reform-

" ing of the straight run nophtha, the value of the coal liquid is increased proportionately. There

is a definite economic advantage in converting most of the coal liquid to gasoline. With enly

a small amount of coal liquid in the crude mix, essentially all of it is converted to gasoline.
Cases Ill, IV, and V foil to take full advantage of the tremendous potential of the coal liquid

to produce gosoline since more and more of it must be used in No. 2 fuel oil to fulfill the product
requirements. Since this is a less attractive use for it, the calculated value of the coal liquid

decreases .,
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As the net octane required from the processing of crude decreases, the value of incremental barrels
of high octane blend stock also decreases. This change continues until the refinery becomes a pre-
“dominantly coal liquid refinery, when the value of the coal liquid reformate and the coal liquid
itself stabilizes. Due to the gasoline pool effect, the additive value of mixing coal liquid with
crude can be expected to increase with an increase in the required pool octane valve. The clear
octane used in the study is 93 RON clear; however, values up to 95 RON clear or higher are
being discussed and pr0|ecfed for the 1980 gasoline pool.

POTENTIAL VARIATIONS IN COAL LIQUID VALUE

The above results illustrate that coal-derived liquid can be a very valuable feedstock to a petro~
. leum refinery even in comparison to a goad quality feedstock such as Southwest Louisiana crude.
Even though this study indicates that the value of the coal liquid is.greatest when it is used to
supplement crude oil in a petroleum refinery, it is significant that an all coal liquid refinery
would save approximately $25,000,000 in investment over o conventional refinery. This would
have economic advantages if the petroleum refinery were included as part of the COG Refinery.

This study was made for a typical refinery in the Kentucky-1tlinois area but even a typical refinery
does not adequately illustrate the full extent of benefits availabie by supplementing crude oil with
coal liquid. Several examples are discussed below to indicate how the value of the coal liquid
would be greater if different bases were used for the LP comparisons.

One obvious case is that with a refinery making more than 60% gasoline. The LP in all coses in-
dicates that there is incentive to relax the restriction on gasoline yield. According to the LP
calculations the total profitability for the refinery would be increased in all cases by increasing
the gosoline yield, but the increase in profitability would be greater for the coal liquid cases.

A second example would be to permit the refinery LP model to make some chemicals rather than

all fuels. It is known that there are considerable quantities of benzene, toluene and xylenes in
the reformates produced from the coal liquid. The presence of significant quantities of aromatics
has been confirmed by other investigations. If these materials were recovered as chemicals, the
profitability of the refinery would be greater in all coses but would be increased more significantly
when coal liquid was used.  Thus, production of benzene, toluene and xylene from the refinery
should significantly increase the calculated value of the coal liquid.

A third case would be to compare the coal liquid against a different type of crude oil. Much of

the value of the cool liquid is due to the high yields of high octane reformates, This characteristic

makes the coal liquid very valuable even with o high cyclic content feed material such as Southwest
Louisiana crude. With a crude having o lower cyclic content in the naphtha boiling range the coal

liquid would become even more valuable.

It is recognized thot the calculated value of the coal liquid is somewhat dependent on the assumed
value of the crude oil it replaces. For example, if the crude oil were available at no cost the cal~
culated volue of the coal liquid would be very low. On the other hand if the assumed value were
higher than $3.50 per barrel the  coal liquid would have a greater calculated value. Even though
transportation costs were considered, the $3.50/Bb} for Southwest Louisiona crude may actually be
higher for a location in the Kentucky-lllinois area. The assumed value of the crude affects the
overall profitability but does not affect the refinery configuration or the schedule of products.

The assumed prices for products also have o significant effect on the colculated value of the coal
liquids. Unlike changes in the crude price, however, the product prices can have a significant
effect on the refinery configuration and the product slate. Sensitivity evaluation of the effect of
product prices would require additional optimization studies which are beyond the intended scope
of this project.
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In addition to its high cyclic content, one of the most significant feotures of the coal-derived liquid
is its low sulfur content {less than 0.01%). Since there is a shortage of low=-sulfur fuels of all types,

. the alternate use of this material directly as a fuel rather than as a refinery feedstock should also be

considered. In the Kentucky-Illinois area residual fuel of less than 1% sulfur sells for $4.62 per
barrel®), Therefore ofter a simple distillation to remove light ends, the light refinery liquid could
be sold directly as o fuel and should be worth at least $4.62. It would appear that under the current
assumptions a refinery could offord to pay this price for the coal liquid only if it represents less than
half of the total refinery feed. Thus, it is likely that the codl liquid would be sold in some cases

as a low-sulfur fuel oil. If sold as a fuel oil, however, there would really be no advantage in pro-
ducing such a low-boiling material. This would allow the investment for the COG Refinery to be
decreased and thereby increase its profitability. This means that a complete optimization study
would have to include the entire COG Refinery. While it is an interesting possibility, it is well
beyond the scope of this work. The important point here is that there would be some competition
between a refinery and industrial fuel uses for the liquid produced in a COG Refinery.

SUMMARY

The results of this study clearly show that compared to $3.50 per barrel for Southwest
Louisiana crude oil, the value of the light refinery liquid produced from a COG Refinery varied
from $4.30 to $5.07 per barrel depending upon the relative amounts of crude oil and coal liquid
fed to the refinery. Even though the highest value is calculated when the coal-derived liquid is
used to supplement the crude oil, it offers significant investment savings when used as the sole
feedstock to the refinery. The basis selected for this study are felt to be conservative and it is.
probable that other equally reasonable cases would have yielded an even higher value for the
light refinery liquid. ‘

(1) PROJECT COED, U.S. Govermnment Contract 14-01-001-498, Hydrotreohng Studies - Part 11 -
Appendix IX, _

(2) Project Gasoline Pre Pil.of‘Planf Phase | Research on CSF Process, Vol; It., Part II.

(3) Oil & Gas Journal, Vol. 69, No. 45, (Nov. 8, 1971).
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Hydrogenated COED 0il
John J. Johns
J. J. Johns Associates, Villanova, Pennsylvania
John F. Jones and Bert D. McMunn V

FMC Corporation, Princeton,'New Jersey

Introduction

The COED process converts coal by fluidized-bed pyrolysis into
gas, 0il and char. Under Project COED, which is sponsored by the
Office of Coal Research of the Department of the Interior, a 30 B/D
- fixed-bed catalytic hydrogenation pilot plant was constructed and
operated for the hydrogenation of COED oils. This facility operates
with a 36 T/D coal pyrolysis pilot plant. The Central Research .and
Development Department of the FMC Corporation conducts this work.

As would be expected, COED oils as produced have a high density
and a low hydrogen content. In addition, they have a high concentration
of heteroatoms—--oxygen, nitrogen and sulfur. Hydrogenation is necessary
to produce a synthetic crude o0il from the COED o0il to fit in with con- {
ventional refinery processing. The raw COED 0il must be filtered before :
fixed-bed hydrogenation to remove fines. The fines content of the raw
0il is reduced from about 3.0 percent to less than 0.1 percent by
weight prior to hydrogenation.

The hydrogenation pilot plant was started up in May, 1971 after
resolution of a number of mechanical problems. Except for recurrence
of several minor mechanical problems, operation has proceeded satisfacto-
rily.

_Pilot Plant Design

The pilot plant is, in general, of conventional refinery hydro-~
treating design. The major equipment consists of downflow reactors
with makeup and recycle hydrogen compressors and heaters. No down-
stream or upstream distillation equipment is included. Details were
published in a project report to the Office of Coal Research}.

One somewhat unusual feature is the use of a guard chamber- 1
“type reactor ahead of the main reactors. This was installed because
it was feared that residual fine solids or the caking characteristics {
of the charge stock might plug the main reactors. All reactors are
in series. To date no difficulty has been experienced with plugging
of ‘the guard chamber. 4

The design feed to this hydrotreating unit was 30 B/D of
filtered COED 0il with a gravity of less than zero °API. The total
reactor design was for a 1.0 hourly space velocity on a weight basis. {
The catalyst charged to the reactors was HDS-3 catalyst produced by
American Cyanamid Co. This is a 1/8-inch extrudate with 3 percent
NiO and 15 percent MoO; on alumina. The compressors were designed
to recycle enough hydrogen to produce a ratio of 18,000 scf/bbl. The 1
maximum temperature and pressure were designed to be 950°F. at 3300
psig.
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Hydrogenation Results

All of the runs reported in this study were made with a COED
0il produced from the pyrolysis of a Colorado coal from the Bear Mine.
This is a high-volatile B bituminous coal. The analysis of the feed
0il is shown in Table I.

Demetalization

Unlike most petroleum crudes, there were very few major
metallic ingredients in the COED o0il. The analyses of the feed and
product oil after hydrogenation are shown in Table II.

Treatment with hydrogen over a hydrogenation catalyst ef-
fectively removed iron, aluminum and silicon. Only minor effect was
noted on the boron, sodium and vanadium concentrations.

Heteroatom Removal

Several long-term runs were made on the hydrogenation pilot
plant. These were mainly at lower-than-design temperatures and space
velocities while maintaining high recycle hydrogen rates. The results
of these runs are shown in Table III.

A\
’ The results shown in Table III are presented graphically in
Figures 1 and 2. Because of the exothermic nature of the reaction
and the spacing of the thermocouples, the reactor temperatures varied.
The average throughout the beds was 650-750°F. Additional runs at
higher temperatures and higher space velocities are planned and will
be reported later.

As is noted on Figure 1, the heterocatom removal of sulfur,
nitrogen and oxygen compounds is essentially complete at the lower
space velocities and at the reactor conditions prevailing. Nitrogen
was the most difficult component of the COED o0il to remove on hydro-
treating. Sulfur and oxygen were less difficult and almost identical,
not only in the relative difficulty of removal, but also in the effect
of changes in space velocity. :

: The effect of space velocity, other conditions nearly constant,
upon API gravity of the heavy oil product is shown in Figure 2. As
would be expected, the lower the space veloc1ty, the higher the API
gravity.

Because of the few runs so far from this hydrotreating pilot

.unit, no direct comparison can be made to previous studies?: ¥, 1In

general however, the results presented here from the hydrotreatlng
pilot unit tend to confirm the earlier bench-scale studies from the
AtlanticRichfield studies. They also prove that adequate heterocatom
removal in commercial units is possible at modest severities.

Product Inspections

A sample of the hydrotreated COED oil from Run H3D (maximum
heterocatom removal) was distilled into several fractions. These
fractions represent the conventional distillation ranges for gasoline,

middle distillates, gas o0il and bottoms produced in conventional
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petroleum refining. The approximate yields of these various cuts are
shown in Table IV. The distillation curves for the raw COED oil and
for the hydrotreated COED oil are presented in Figure 3.

The results of the product inspections on these various cuts
are presented in Table V. Also, an ASTM distillation of the gasoline
b0111ng range material is presented in Figure 4.

From these petroleum-type inspections it can be readily seen
that hydrotreated COED oil is a satisfactory crude oil charge to a
petroleum refinery. These inspections show that these cuts can be
adequately blended into conventionally produced refinery streams.
The gasoline and middle distillate stocks exhibit a high gum content.
This gum can be virtually eliminated by any number of conventional
refinery treating processes.

The middle distillates fraction is somewhat low in gravity,
as would be suspected. It would be anticipated, however, that it
would be very high on a Btu per volume basis. No attempt was made
to evaluate the special properties of such middle distillate fractions
as jet fuel, kerosene, diesel fuel or No. 2 fuel. Color and color
stability are excellent. .

The higher boiling cuts also appear to be adaptable to con-
ventional refining techniques. The gas oil fraction has a low carbon
residue of 0.03 wt. percent and metals of less than 0.2 ppm nickel
and vanadium. From the ultimate analysis it would appear that the
residue boiling higher than B800°F. would make excellent feedstock for
a carbon-black plant. From these analyses there is an indication of
concentration of the nitrogen-containing molecules in the gas oil and
residue fractions; no similar concentration of sulfur or oxygen is
noted. The gas 0il fraction should make excellent feed for either a
catalytic-cracking or hydrocracking unit.
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TABLE I

Analysis of Feed Oil

" 0il Source

Moisture, wt.%
Quinoline Insoluble, wt.%, dry
Ultimate Analysis, wt.%, dry
Carbon
Hydrogen
Nitrogen
Oxygen!®
Sulfur
Ash
°API Gravity, 60°F./60°F.
Pour Point, °F.
Flash Point, °F.
Viscosity, sus?

! Oxygen determined by difference.
2 yiscosity determined at 210°F.

Colorado Bear
0.20
0.00

83.05
8.35
1.10
0.35
7.15
0.00

-4 to -5
118
350

1090




-30-

TABLE II°-

Special Analyses of Feed and Product 0il

Run No.

Metals Analysis, ppm
Iron
Lead
Copper
Chromium
Aluminum
Nickel
Silver
Tin
Silicon
Boron
Sodium
Phosphorus
Zinc
Calcium
Barium
Vanadium
Magnesium
Titanium

Conradson Carbon, wt,K 3l

1

On a 10% ASTM distillation residue.

Product
H3D




TABLE III

 Analysis of Heavy Oil Product

Run No.! : . H3 H4
Feed Rate, lb./hr. ) ) 183.7 298.2
Space Velocity, 1b. oil/hr./ 0.24 0.38
1b. catalyst
Moisture, wt.$% : 0.31  1.42
Quinoline Insoluble, wt.%, dry 0.03 0.01
Ultimate Analysis, wt.%, dry )
Carbon : 88.12 87.49
Hydrogen : - 11.76 10.88
Nitrogen 0.02 0.40
Sulfur 0.02 0.04
Oxygen? - . 0.08 1.19
Ash . . 0.00 0.00
°API Gravity, 60°F./60°F. 24.4 15.1
Pour Point, °F. 55 60
Flash Point, °F. ’ 95 140
Viscosity, sus? 46 182
Heteroatom Removal, $%
Sulfur i 94.3 88.6
Nitrogen : 98.2 63.6

Oxygen 98.9 83.4

! All runs made at 2500 psi at temperatures between

2 oOxygen determined by difference.
8 Viscosity determined at 100°F.

-~y

\\'

97.1
99.1
94.7

650-750°F. with American Cyanamid AERO HDS-3 catalyét.

"HS

499.0
0.64

0.90
0.00

86.90

'10.00

0.90
0.10
2.10
0.00

9.1

182
1041

71.4
18.2
70.6
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TABLE IV

Product Yields

Vol. & of i oy
Hydrotreated 0il

Gasoline, IBP-400°F. ) 17
Middle Distillates, 400-600°F. 36
Gas 0il, 600-800°F. 31
Residual, Above 800°F. 16
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TABLE V .

o g

Analyses of H3D Cuts

P

"Run No. ) ) H3D

l Cut, °F. IBP-400 - 400-600 600-800 Residue
o Moisture, wt.% 0.2 <0.2 <0.2 <0.3
Quinoline Insoluble, '
wt.%, dry i 0.0 0.0 0.0 0.0
’ Ultimate Analysis,
| wt.%, dry :
i Carbon 86. 20 87.20 88.39 88.94
Hydrogen 13.74 12.40 11.51 10.89
4 Nitrogen 0.02 0.06 0.10 0.16
. Sulfur ' 0.02 0.01 0.00 0.01
\ Oxygen! 0.00 0.33 0.00 0.00
Ash 0.02 0.00 0.00 0.00
l °API Gravity, 60°F./60°F. 45.1 28.9 20.1 - 0.926°2
‘ Pour Point, °F. ) - -121 . -31 -
/ Flash Point, °F. - 148 ) - -
| Freezing Point, °F. - - - -
L Cloud Point, °F. - <-60 - C -
- Smoke Point - 10 - -
Viscosity, SUS Q@1l00°F. <32 32.4 52.0 56.8°
‘ Color - lighter - -
) than 1.0
b Conradson Carbon, wt.s$" - 0.02 0.03 -
b Reid Vapor Pressure, . i )
@100°F., psi 1.1 - . - -
[ Copper Strip 1B - ' - -
Gum, mg./100 ml. 63.0 2026 - -
Octane No. Too much gum for analysis - -
Aromatics 15.7 47.5 - -
Olefins 1.4 1.4 - -
Saturates 82.9 51.1 . - -

Oxygen determined by difference.
Specific gravity at 210°F.

SUS @210°F.

On a 10% ASTM distillation residue.

T ——————
£ w N e
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QUALITY OF SYNTHETIC GASOLINE FROM COAL
S. A. Qader, Surjit Singh and G. R. HiI

Department of Mining, Metallurgical and Fuels Engineering
University of Utah
Salt Lake City, Utah 84112

'Introduct10n

Gasoline can be produced from coal by a two stage process wherein
coal gets converted to a synthetic crude by hydrogenation, solvent
extraction, pyrolysis or carbonization in the first stage and the
synthetic crude thus produced gets converted to gasoline in the second
. stage by hydroprocessing. The quality of gasoline depends upon the
type of coal, the coal conversion process, the quality of the synthetic
crude and the conditions of hydroprocessing of the crude. Coal gasolines
are expected to be high in aromatic content (60-90%) when compared to
petroleum gasolines since they are produced from highly aromatic (>75%
aromatics) feed stocks. They, therefore, will have high octane ratings.
Air quality standards may forbid the use of such high aromatic gasolines
in automobiles in the very near future and it, therefore, becomes neces-
sary to reduce the aromaticity of coal gasoline to make it acceptable.
Though the coal derived gasolines are known to be high in aromatic
content and octane value, not much data was ?ublished in the literature
on their nature and quality. Qader and Hil1l1! reported the preparation
of coal naphthas by the hydrocracking of coal oils in a bench scale
fixed bed system. High quality naphthas having very small quantities
of sulfur, nitrogen and oxygen were obtained. The clear research octane
numbers of the naphthas varied between 80 and 91. In the present
investigation, data on the production of gasoline from di fferent coal
oils by hydroprocessing and the nature of the products are reported.
Production of low aromatic gasolines from coal gasoline and its effect
on the economics of the coal hydrogenation process are discussed. A
case for the production of BTX from coal is presented.

Experimental

Low temperature tar, pyrolysis tar and solvent extracted coal were
prepared in lagoratory scale equipment from a high volatile bituminous
coal from Utah¢. Hydrogenation oil (coal oil) was prepared in.a bench
scale free fall dilute phase system3 from the same coal. Commercial
catalysts were used in the hydrorefining and hydrocracking of coal oils4.
Th:hezgluation of the raw materials and products was done by standard
methods. . - '

~

.(.y
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Gasoline was prepared from, coal oil by hydrorefining and hydro-
cracking in a fixed bed reactor!. The aromatics were extracted from
gasoline with dimethylformamide and sulfolane in laboratory mixed-
Settler apparatus at room temperature. The research octane numbers
were determined in the Standard 0il1 Company laboratories at Salt
Lake City. :

Results and Discussion

The nature of the coal oil depends upon the coal rank and the
conversion process. 0ils produced from the same coal and by different
conversion processes will be different in nature. The data given in
Table 1 shows that the composition of the coal oils is greatly influenced
by the type of coal conversion process employed. The low temperature
and pyrolysis tars are similar in nature except that the pyrolysis tar
has slightly higher contents of sulfur, oxygen and residue while the
low temperature tar has higher contents of nitrogen and asphaltenes.

From a practical standpoint, they can be considered as similar in
composition. The solvent extracted coal is very much different from

the other coal oils. About 75% of the extract is composed of benzene
insolubles and asphaltenes which make it a very inferior quality oil.

It also has highest contents of sulfur, nitrogen, oxygen and residue.

The 0i1 obtained by coal hydrogenation is higher in quality when compared
to other coal oils and this makes it a better feed stock for further
processing.

The composition of the gasoline depends upon the nature of the coal
oil. The data given in Table II show that the coal gasolines are high
in aromatic content and the gasoline produced from coal hydrogenation
oil has the highest aromaticity. The data given in Tables II and III
also show that the different hydrocarbon types of these gasolines are
similar in composition. The coal gasolines have very high octane ratings
because of high aromaticities and a computation of octane numbers from
Figure 2 shows that the clear research octane numbers of coal gasolines
vary between 95 and 100. Though the high octane ratings of coal
gasolines are desirable, the high aromaticities might pose problems
in their future use in automobiles. Higher gasoline aromaticities will
give rise to larger exhaust hydrocarbon emission which pollute the air.
Though no limits in gasoline aromaticities are imposed at the present
time, it is quite concievable that regulations to limit aromaticities
will come into effect in the near future. It, therefore, becomes imper-
ative to reduce the aromatic contents of coal gasolines when they are
produced on a commercial scale. This can be accomplished in several
ways and the most promising route seem to be by the separation of gasoline
aromatics by solvent extraction. The aromatic extract can be dealkylated
to produce either BTX or pure aromatics. In this work, gasoline aromatics
were extracted and gasolines containing 30, 40 and 50 percent aromatics
were prepared starting with a gasoline containing 76 percent aromatics.
The clear research octane numbers of the gasolines decreased in straight
line with a decrease in aromatic content as shown in Figure 2. The data
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show that gasoline containing about 50 percent aromatics will have a

clear research octane number of about 83. The octane number can .
probably be improved to a rating of around 90 by properly adjusting \
the concentrations of individual aromatic components of the gasoline. .
The composition of the gasoline aromatics given in Table IV shows -

that 80 percent of the extract can be sold as BTX without further p

‘processing. The remaining 20 percent of the aromatics either can i
be used for blending the gasoline or can be converted to BTX by a

mild treatment of dealkylation. The dealkylation of the aromatic

extract produced BTX in a yield of about 95% as shown in Table V.

The product contained about 62 percent benzene.

The separation of aromatics from the gasoline and the production
of BTX affects the economics of the overall coal hydrogenation process.
The data given in Table VI and Figure 3 indicate that the economics 4
can be improved significantly by producing either gasoline and BTX
or only BTX as the main products. The data also indicates that the S
coal to 8TX route is the most economically attractive approach. ‘ '
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f _TABLE I. PROPERTIES OF COAL OILS
( L.T.
‘ Carbonization "Pyrolysis = Solvent-Extraction - Hydrogenation
Benzene Insolublzs, Wt. % Nil- - 2.0 43,0 Nil
Asphaltenes, Wt.% 19.0 16.0 -25.0 15.0
Light 0i1 (up to 200°C), Vol.% 5.0 7.0 3.0 18.0
Residual 0il, +370°C, Vol.% 27.0 30.0 50.0 25.0
Sulfur, Wt.% 0.8 0.98 1.15 0.64
Nitrogen, Wt.% 0.91 0.8 1.04 0.76
Oxygen, Wt.% 3.8 4.5 . 8.0 2.8
Tar Acids (200°-370°C 0i1) 26.0 24.0 - 15.0
Hydrocarbon Analysis of Neutral 0il (200-370°C)
Eaturates _ 29.0 25.0 24,0
Dlefins 15.0 17.0 11.0
Aromatics 56.0 58.0 , 65.0
/ .
/ TABLE II. COMPOSITION QF COAL GASOLINES
y Temp: 480°C, Pressurg: 2000 psi, Spacg Velocity: 1.0
\ Feed Stock: . L.T. Tar Pyrolysis Tar Hydrogenation Qi1
Composition, Vol. %
Saturates 30.0 26.0 13.0
Olefins 1.0 ‘1.0 1.0
Aromatics - 69.0 73.0 86.0




Gasoline From:

Analysis, Vol.%
N-Paraffins

Cyclo-parrafins
Cs
¢

GASOLINE FROM:
Analysis, Vol.%

Benzene
Toluene
Ethylbenzene
Xylenes
Propylbenzenes
Butylbenzenes
Indanes
Unidentified

TABLE III.

TABLE

3.2
5.9
15.2
14.1

13.8
56.0

3.1
11.2

3

IV: ANALYSIS OF GASOLINE AROMATICS

ANALYSIS OF GASOLINE SATURATES
L.T.Tar

Pyrolysis Tar

1.7
6.6
14.1
13.2
4.5
%%?%

1.9
8.3
12.0

13.3
5.5

3.2

7.0
10.2

L.T.TAR

n - (D

OO

PYROLYSIS TAR

N N W
WONNWINOO
e o s e e w @
= OnNON

Hydrogenation 011

0.9
7.4
2.7
15.5
2.1
%%f%
2.8
10.1
16.2

10.0
39.1

HYDROGENATION

- - _18
NP et OO

. « o e e o
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{ - JABLE V. COMPOSITION OF THE DEALKYLATED PRODUCT
Temp: 450°C; Pressure: 1000 psi, Space Velocity: 1.0

\ ' .
' Composition Volume %

Benzene 62.5

Toluene 20.4

Ethylbenzene 3.0
N . Xylenes - 9.1

C Propylbenzenes nil

. : Butylbenzenes 2.5
a Indans - 1.5
N Unidentified 1.0
l - TABLE VI. ECONOMIC SUMMARY (COAL-GASOLINE-BTX)
/ : Capacity: 100,000 BBL/Day Crude 011 or 46,000 TPD Coal

¥xed Capital:

orking Capital:

stal Investment

bt (65% of Total Investment):

juity (35% of Total Investment):

v'rect Plant Operating Cost:
2venue Required:

edit for Byproducts:
~oduction Cost of Product:
woduction Cost of Gasoline:
~oduction Cost of BTX:

A Year Average Product Price:
asoline ¢/Gallon:

{f ¢/Gallon:

Coal-Gasoline’
Base Case)
MM$

A

418.5
4.9

460.4 -

299.2
161.2
134.8
196.0
-863.7

142.3
11.9

Coal-Gasoline
(BTX: 15¢/Gal)
: MM$

440.6
4.1

- 484.7
325.1
159.6
136.5
200.8
142.8

57.2

9.9

Coal-BTX

(Naphtha:

10¢/6Gal)
MM$

440.6

441
484.7
325.1
159.6
137.0
200.8

87.9
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GASOLINE VIA THE FISCHER-TROPSCH REACTION USING THE HOT-GAS RECYCLE SfSTEM
J. J. Elliott, W, P. Haynes, and A. J. Forney

U. S. Department of the Interior, Bureau of Mines,
4800 Forbes Avenue, Pittsburgh, Pennsylvania 15213

Introduction

One of the principal problems to be overcome in the development of a coal-to-
oil process via the Fischer-Tropsch (F.T.) reaction is the removal of the highly
exothermic heat of reaction of the synthesis gas (Ha+CO). The hot-gas recycle
process has been developed over the past several years by the Bureau of Mines to
overcome this problem.-/ 1In this process the heat of reaction is removed by
circulating large quantities of recycle gas through a catalyst bed of high poros-
ity. . The catalyst in this experument is a bed of parallel plates sprayed with the
catalyst.

The synthesis gas sent to the F.T. reactor should contain a minimum of methane
as this is considered an undesirable by-product for a coal-to-oil plant, and the
sulfur content should be as low as possible (less than 0.1 ppm). The first re-
quirement would dictate an entrained gasifier operated at very high temperature;
and the second requirement can be achieved by a good purification train such as
the Bureau of Mines-developed hot-carbonate process followed by a final sulfur-
-removal unit containing activated charcoal. i

The experiment discussed in this paper used Alan Wood magnetite ore as the
catalyst. The ob3§7t1ve was to improve the product distribution over that found
in an earlier test=’ and to test the use of a cheap ore as the catalyst.

Experimental Procedures and Results

Fig. 1 shows a schematic diagram of the hot-gas recycle system as developed
for the synthesis of oils. The feed gas is fed to the reactor with the recycle
gas. The recycle gas is a mixture of hot and cold recycle gas streams. The re-
cycle gas temperature and volume are controlled to hold the temperature rise to
about 50°C (90°F) over the reactor or the catalyst bed. The cold recycle gas
stream is employed to remove product water from the recycle stream and thus con-
trol the water content of the entering gas mixture at a low enough level to pre-
vent oxidation of the iron catalyst.

The catalyst for the present test (HGR 34) was prepared by flame-spraying
powdered Alan Wood magnetite ore onto pieces of steel sheet to a thickness of
about 20 mils. The sprayed steel sheets were then assembled into grids to fit
into the 3-inch extra heavy steel pipe reactor. Fig. 2 shows the plates and grids.
Fig. 3 shows the method of flame-spraying. The magnetite coated grid sections were
dipped into a 6% aqueous solution of potassium carbonate for 5 minutes and after
drying were charged to the reactor. (Concentration of K20 on the impregnated cata-
lyst was 0.137%.) Following reduction with hydrogen at 380-400°C, the unit was put
on-stream with synthesis gas, 1.4 parts hydrogen to 1 part carbon monoxide.

The system pressure was held at 400 psig during synthesis. COp was scrubbed
from the cold recycle gas stream. The cold recycle gas amounted to 1.5 to 2 vol-
umes per volumes of fresh gas. The remaining (about 18 volumes) recycle gas was
used hot and unscrubbed.

_ -— e N o



e

-

-

_45-

Reactor Performance

Product yields of experiment HGR 34 for 1000 and 2000 space velocity opera-
tion are presented in table 1. Also presented for comparison of product distri-
bution are yields obtained initially in experiment HGR 33 at 600 hourly space
velocity operation using a flame-sprayed D300l iron catalyst, not impregnated
with alkali metal. (See analysis.) The presence of alkali metal on the sprayed
Alan Wood magnetite catalyst in experiment HGR 34 is believed to be largely re-
sponsible for producing a greater proportion of gasoline range hydrocarbon than
that shown initially in experiment HGR 33. While the D300l catalyst contains K50,
it is not as accessible as the K90 impregnated on the surface of the Alan Wood
magnetite, Also, it is believed most of the K70 in the D300l catalyst may have
been lost in the flame-spraying.

The experimental results also indicate that the catalyst in HGR 34 was quite
active. The 98.8% conversion of carbon monoxide at 1000 hourly space velocity and
only slightly lower conversion at 2000 hourly space velocity attest to the high
activity level of this catalyst.

TABLE 1.- Hot-gas recycle synthesis results

Exp..No. Exp. No.
HGR 33 HGR 34
Fresh gas space velocity, vol/vol hr ------ 600 1000 1000 2000
Total recycle in fresh feed, vol/vol ------ 52 15.9 20.4 14.4
Reactor pressure, psig =-----=-=--=----=--m- 400 400 400 400
Catalyst temperature, °C
Average -----m-s-c-cc--msmemoeiaeeeo 269 325 320 325
Differential ----=-=--m=--v=------ --- 20 50 40 50
H2 conversion, % ===-==-=====c-c-—-—-cou_u-- 73.4 90.9 90.1 83
CO conversion, % ------- R L LR P 80.6 98.8 98.2 94.4
H2+CO conversion, % ---=----==c-==-=-ccc-co= '76.4 94.4 93.% 87.5
Overall weight balance, % =-----=---=--=-~=< - 93.6 90.8 87.8 96.6
Hydrocarbons recovered, 1b/1000 SCF fresh
BAS —=--------=s—m—mccmeomeao- B ettt 7.4 9.5 10.3 11.6
Hydrocarbons recovered, wt-%
CqHCp ------mmmmmosmmme s m oo oo 59.7 36.5 33.9 29.5
C3 ===m----mmomsmeeooo—ooomeomooleo- 6.6 14.1 13.3 12.8
Gasoline (C3~ <204°C -----~ S el 31.8 43.7 48.5 53.0
Diesel oil (204°-316°C) -------------- 1.9 5.0 4.0 3.8
Fuel oil (316°-450°C) -------~-------- 0 0.4 0.2 0.5
Wax (>450°C) ---=----mmmmmmmmeme e 0 0.3 0.1 0.4

Catalyst Analysis

Analyses of the Alan WoodZ?agnetite catalyst are shown below, as is also the
D3001 catalyst used in Exp. 33=' experiment.

Fe, C, is known as Hggg cag?ide and is considered to be a desirable form of
catalyst for the F.T. reaction.=
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Discharged
Alan Wood
Alan Wood Magnetite
D3001 Magnetite (Section 4)
Iron (Fe) ---=----=-==oca-uo- 66.87% 66.1 85.2 (Fe203)
Chromium oxide (Crp02) ------ 0.8 0.08 -0.0
Magnesium oxide (Mg0) ------- 4.6 0.09 0.04
Manganese oxide (Mn304) ----- 0.05 0.04 0,02.
Potassium oxide (Ko0) ------- 0.61 0.13 0.10
Silicon dioxide (Si0Og) -=-=--- 0.62 5.4 0.50
Titanium oxide (TiOp) =------- 0.5

The x-ray ana1y51s of the HGR 34 catalyst taken from the 12 sections after
discharge are shown below:

Section ; Phase 1 Phase 2 Phase 3

1 (bottom - gas inlet) Feq0, Fey(Cq

2 Fej04 Feo0Cgq

3 Fej04 - oFe

4 Fe304 O0Fe

5 Fe30y Fe20C9q

6 Fe304 Fe20C9q

7 Fe304 F620C9

8 Fe30, FeppCq

9 Fe304 OFe YFe203
10 : Fe304 aFe YFeo03
11 Fe30y aFe
12 (top - gas outlet) Fe30, aFe N YFe203

The experiment was ended voluntarily after 540 hours of synthesis, and the
plates were removed and kept under inert gas. The fourth plate from the bottom
showed blistering or separation of the coating from the steel sheet although the
coating was intact until the samples were taken. The lower eight assemblies were
clean but the top four contained loose carbon and loose coating. The top two
grids were of stainless steel and lost all their coating; the other 10 were of
carbon steel. The useﬁgﬁ stainless steel plates is apparently not desirable owing
to the difficulty of re.Brining the Alan Wood magnetite coating. The flow of gas
is upward, and the hottest temperature (about 350°C) is at the top where the carbon
is formed. It is possible that 350°C is too high a temperature to opérate an iron
catalyst though this conclusion depends on the CO partial pressure that the cata-
lyst actually "sees'.

0il and Water Analyses

The oil analyses of the light and heavy oils showed Bromine numbers between
30" and 40 for the light oil and between 8 and 10 for the heavy oil indicating that
the olefinic content of the o0il is a maximum of about 22%. Most of the product oil
is light o0il as shown in Table 1. The oil was slightly acidic indicating produc-
tion of organic acids, principally acetic acid.

The water analysis averaged about 947 water, the balance being alcohols; the
ma jor alcohol was ethanol with lesser amounts of methanol, propanols, and butanols.
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L~‘ Gas Analysis
v ' :
, A typical tail gas analysis is:
3 Hy  44.3% CoHy  0.3% CiHio 1.3%
L . co 9.7 CoHg 6.5 CsHyo 0.6

. N, 0.9 Calg 0.9 CsHig 0.5.
! (¢17) 7.9 CsHg 4.5 Celyg 0.2

CH4 21.4. . C,Hg 1.1 Celiy 0.1
b
Note the lower concentration oﬁ.the olefins; this is assumed to be due to the
formation of alcohols and acids.

' The C3Hg (but not C3Hg) and heavier hydrocarbons are 7onsidered in the gaso-
Y line fraction. Attempts weré made in earlier: experlments " to pass the tail gas
!

through a second reactor containing nickel methanation catalyst to form a high-Btu
gas and thus have 2 saleable products, the oils and the high-Btu gas. However,

/ the nickel catalyst became plugged with carbon owing to the low HZ/CO ratio of 1.9
and decomposition of the higher hydrocarbons.

) It is believed that a satisfactory high-Btu gas could be made from the gas
analyzed if the higher hydrocarbons were removed as the Hp/CO ratio is above 3/1.
This would be the desirable method of operation since the upgrading of the tail .
gas increases its value.

Conclusions

o e

The test to make a gasoline product by the Fischer-Tropsch reaction using
sprayed plates of magnetite ore was successful. The make of gasoline was about
60% of the hydrocarbon production. The catalyst held up well under 540 hours of
synthesis, and the test was ended voluntarily. The hourly space velocity for the
latter part of the experiment was 2000. This showed the catalyst had very good
activity. !

- v ——
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Hot-Gas-Recycle Flowsheet for Production of Gasoline.
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Figure 2. Plates and Grid Assemblies Used in the Production of Gasoline.
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Apparatus Used in Thermal Spraying.
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QUALITY REQUIREMENTS FOR SNG

George Long

Northern Illinois Gas Company, Aurora, Illinois

Substitute natural gas (SNG) produced from liquid or solid fuels will
>ecome a major factor in supplementing our natural gas supply during this decade.
fo date, six plants to produce 1.6 billion cubic feet per day of SNG from liquid
fuels and two plants to produce 500 million cubic feet per day of SNG from coal have
>een announced. Although this half a trillion cubic feet per year of SNG is minus-
:ule in relation to the 23 trillion cubic feet of natural gas distributed last year,
some consideration must be given to the quality requirements if this SNG is to be
satisfactory to the domestic gas industry.

To be a satisfactory supplement, SNG must be completely interchangeable
vith natural gas. One way to assure complete interchangeability is to synthesize a
>roduct having the same composition as natural gas. In nearly all cases this means
synthesizing a product consisting of over 85% methane.

In the processes under consideration for producing SNG from liquid or solid
fuels, the product gas must undergo a catalytic methanation step to achieve methane
:ontents approaching 85% methane. This operation adds cost to the SNG, and it may
10t be to the best interest of the consumer or the gas industyy to synthesize a high
nethane SNG if other compositions are satisfactory. This paper will show that a-
vide range of gas comppsitions can be satisfactorily substituted for natural gas.

In 1965, Grumer and Harris! performed a study of the interchangeability of
nethane-hydrogen mixtures with natural gas. They found that complete identity
yetween the substitute and natural product is not necessary. Methane-hydrogen mix-
ures having between 25 to 37% hydrogen can be tolerated in the sendout gas.

The American Gas Association? has developed empirical indices to compute
‘he interchangeability of various gas mixtures used for peaking. This investigation
studied the effect of supplemental gases such as coke oven gas, producer gas, car-
yuretted water gas,and hydrocarbon-air mixtures, in admixture with natural gas on
:ombustion characteristics of appliances.

In order to properly assess the interchangeability facters, one must con-
sider the use of natural gas and the effect of compositional change on the customers
nvolved. Table I shows the gas demand in 1970 as to class of service. Nearly
!1-1/2 trillion cubic feet of natural gas were distributed in 1970. Thirty-two per-
:ent was sold to residential and commercial customers. All of these seven trillion
:ubic feet were used for energy in the form of heat. The industrial category con-
sumed 27.7% of the total in various applications: as heat, controlled atmosphere,
hemical feedstock, and others. The electric utility consumed 18.3% of the gas as
fuel in power generation. The interruptible category of three trillion cubic feet
/as probably used as heat because it is an economical form of heat for the large
volume customer. The other category includes company uses, transmission mainline
fuel, and other sales not otherwise classified. Over two thirds of all the gas
distributed is used in combustion.

This is not the whole story. Table II shows the gas consumers broken down
into type of customer. The residential and commercial customers constitute 99-1/2%
>f the total number of customers, leaving only 0.6%. These 249,000 customers,
including industrial, electric utility, and interruptibles, consume over 60% of the
1atural gas. In terms of sheer numbers, over 41 million customers use natural gas
1s fuel and if the interchangeability requirements are designed to satisfy these
1sers, the balance can be handled on an individual basis if needed. Therefore,
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this paper will address itself to quality requirements of SNG when used as a heat
source in combustion dev1ces used in residential and most commercial and industrial
appllcatlons

The properties of SNG must be such that there is minimum effect on perfor-
mance of gas appliances when it is substituted for natural gas. This means that the
SNG should give similar heat inputs, .good flame stability, and complete combustion
without adjustment of the appliance. Table III shows the interchangeability factors
used for assessing substitutibility. ’

In a gas appliance having a fixed orifice, the flow of gaséous energy or
heat input through the orifice at constant pressure varies directly as the heating
value, h, of the gas and inversely at the square root of the specific gravity, d.
This relationship is referred to as the Wobbe. number. Empirically, if the Wobbe
number of the two gases is within 10%, the gases are interchangeable, prov1d1ng othea
factors do not adversely affect flame characteristics. The Wobbe number is useful
for a cursory examination of the interchangeability of two gases because of its sim-
plicity. Alone, the Wobbe number does not give a definitive answer to interchange-
ability. The British Gas Council® has developed a combustion diagram which relates
the Wobbe number to a flame speed factor. In this relationship, the Wobbe number
must not fall below 1202 to ensure .satisfactory heat input to an appliance. For SNG
with a heating value of 1000 BTU/CF, the Wobbe number should be in the range of 1335
* 5% and a flame speed as low as possible.

To assess the flame characteristics of SNG burned in an appliance adjusted
for burning natural gas, the interchangeability indices developed by the A.G.A. Labo
‘tories? are believed to be more useful because they take into account the composition
of the substitute gas.

Three empirical indices were developed to compare flame characteristics.
These are, I|, the lifting index, IF, the flashback index, and Iy, the yellow-tip
index. These indices, valid for gases having a heating value greater than 800 BTU/CI
will predict if the substitute gas will cause flame lifting, yellow-tipping, or flasl
back. I will not discuss the parameters entering into each index; these are discuss
in the bulletin In Table III it will suffice to show the range of values desired.

In addition to these computations on SNG substitutibility, actual applianc
combustion tests were made to confirm the results. A wide variety of burners was
used to ensure that most combustion appliances were covered.

GAS COMPOSITIONS CONSIDERED AND TESTED

F1ve different SNG gas compositions were considered for their interchange-
ability with natural gas - four compositions from naphtha gasification and one from
coal gasification. The names of the processes for SNG production are identified in
this paper to depict actual situations and to facilitate understanding and do not
imply process endorsement by the author.

1. SNG from Single-Stage Gasification

The first gas composition for interchangeability considerations was that
product gas from a single-state catalytic gasification of .naphtha with steam. Figur
- 1 shows the product composition from the British Gas Council process after CO, remov
The gas composition consists of 80% methane with 17.4% hydrogen. It has a heating
value of 869 BTU/CF and a specific gravity of 0.493, This gas is considered for
interchange with a natural gas of 1030 BTU/CF heating value and 0.587 gravity.

The Wobbe number of the SNG is 1238, and that of the natural gas is 1343,
The ratio of the Wobbe number, W,/Ws, is 1.087; i,e., the Wobbe numbers are within
8% of each other. This means that the heat input rate through a fixed orifice is
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within acceptable limits and the gases are interchangeable, providing other factors
do not adversely affect flame characteristics.

The interchangeability indices are well within the acceptable limits for
lifting, flashback, and yellow-tipping.

Combustion tests show this particular gas to be completely ‘interchangeable
w1th the ‘natural gas

2. Above SNG Enriched with Ethane

Since some utilities may have to meet certain heating value requirements,
this SNG gas was enriched with ethane to 1030 BTU/CF. Figure 2 shows the pertinent
data. The heating value was adjusted with ethane to the same as the natural gas,
1030 BTU/CF. The specific gravities of 0.589 for the SNG and 0.587 for the natural
gas were nearly identical. The Wobbe number for SNG, 1341, is within 0.1% of the
1343 Wobbe number of the natural gas.

The interchangeability indices show that all are within the preferred range
except of Iy, yellow-tipping, which is outside the limits. The Iy was computed to be
0.943 whereas the preferred value should exceed 1.0. This would indicate possible
yellow-tipping, and combustion tests confirmed a slight tendency to yellow-tip. The
amount, however, was not considered objectionable and we consider the gas inter-
changeable.

3. SNG After Two-Stage Gasification and CO, Removal

In the British Gas Council process for SNG from naphtha, the methane con-
tent can be increased by adding a hydrogasification step. Figure 3 shows this gas
composition after CO, removal. The heating value is 934 BTU/CF compared to 869 BTU/
CF for the single-stage treatment. The Wobbe numbers are within 6% which indicate
the flow rate should be satisfactory. The interchangeability indices are within the
preferred ranges. Combustion tests confirmed that th1s gas 1s completely inter-
changeable with the natural gas.

4. Above SNG Enriched with Ethane

The SNG from two-stage gasification was enriched with ethane to 1030 BTU/CF
to bring the heating value to that of the natural gas. Figure 4 shows the pertinent
data. Note that the Wobbe numbers are within 1%, indicating satisfactory heat input
flow rate through a fixed orifice. You will recall that 10% is acceptable.

The interchangeability indices show that I; and Ig are within the preferred
limits. The yellow-tipping index, Iy, is outside the preferred limit of 1.0 or above.
This means that the gas may show yellow-tipping and indeed this was confirmed by com-
bustion tests. However, the amount of yellow-tipping was not objectionable and we
consider the gas interchangeable.

' 5. SNG from Coal Gasification

The last case considered was SNG from coal gasification. Figure 5 shows
the gas composition expected from the HYGAS process under development at the Insti-
tute of Gas Technology. This SNG consists predominately of methane, 93%, and about
6-1/2% hydrogen. Its heating value of 968 BTU/CF and specific gravity of 0.545
yields a Wobbe number of 1312. This is within 2.4% of the natural gas, well inside
the 10% acceptable limit.

The interchangeability indices show that the lifting index, is 1.0
compared to the preferred value of less than 1.0. The other indices are within the
preferred range.
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Combustion tests showed this SNG to haVe a slight tendency to 1ift, con-
firming the I indication. However, the 11ft1ng was so slight that we considered
the gas complstely interchangeable.

CONCLUSIONS

A wide range of gas compositions produced from 11qu1d and solid fuels was
found to be 1nterchangeab1e with natural gas. SNG having a heating value ranging
from 869 BTU/CF to 1030 BTU/CF was shown to be 1nterchangeab1e with-a 1030 BTU/CF
high methane natural gas.

The A.G.A. interchangeability indices plus the Wobbe number can predict
substitutibility. Combustion tests using a wide variety of burners conflrmed the
validity of these empirical 1nd1ces
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Residential

Electric utility
Interruptible

TABLE I

" U.S. Gas Requirement - 1970

"~ % of Total

Trillions of Cubic Feet

4.94 23.1

1.96 9.1

‘5.94 27.7

3.92 18.3

3.09 14.4

©1.58 7.4

Tptal - 21.43 100.0

Source: Future Gas Requirements, October, 1971,3

TABLE Il

" 'Gas Customers - 1970

American Gas Association, Inc.,
Department of Statistics.™

. "Thousands % of Total
Residential ' 38,303 91.8
Commercial 3,158 7.6
Industrial and others 249 26
Total 41,710 100,0

TABLE III
'Intercﬁangeability Factors
wobbe No. = =SEIEILL . 4
IL = under 1.0; above 1;06
IF = under 1:18; above 1.2
IY = above 1;0; under 0.8




TVAOWAY 0D GNV. NOILVDIJISVD dOVLIS-ATIONIS ¥ALAV.ONS T 3dNdId4

80> 0" 1< » w1 M
2 1< 811> : esTT A1 _ . :
90 1< 01> 9v6°0 11
31qeuctaoa[qo paixeieid SooTPUl. A3T[TqEo8Uey 193U aTqesBuryIaqU] £T232TdUWO)
53697 UOTISNqUO)
SITWTT. .
180" T Sn/UM
eveT ) 8€CT *ON 2qqoM eyaydeN
L8S” €6%°0 £3TARID OTITORdS ) , 1 :
0€0T Ad0/n1g 698 anTep SuriEeH
s€5 [EANIEeN
, m wea1g
%0° 00T v . &
12T00) o
0D %L°0 - . 1 o
2 1939 yaRdng
T0D %0°¢ Tesowey | o
< 9 paag
H 4% LT 00
"HO %6°6L
UoT3T50dmW0) SEY

Jo



B ANVHLE HLIM INHWIDIUNI ONS [z Jd09Id

8°0> 0° 1< evere M
AR ST T o | or'T 1
90" 1< C 0T 968°0 11
91qeuoT3Ioa[qp. peiisjeig| [699Tpul KarTiqeedueyoiaiul
SITUFT
aTqeaduey>
~I9WT P2I19PISU0)
T00°T mB\aB dr3-mo7724 03
EVET TYET *oN @2qqop S Kouspuaz IY3TTS
L8G" 686°0 £3TARIH DEITOodg
0€0T A29/014 00T anTep Surjesy S1s9] UOT3ISNquo)
]
5 sen [ein3IBN
! P . N . . v
420°001
. 02 %9°0 %0°00T
00 291 00 7270
SHZD %6°LT FUSMYITIUY 200 %0°¢
auryag .
H %9 91 H 4y LT
"HD %6°S9 "HO %6°6L
uot3rsoduo) sE5
T P PR ot . - L ~ e -~ - N \n“



TVAOWAY ©0D OGNV NOILVOIAISVD HDVIS-OMI HAIldV.ONS. .. :€ HANOId

8°0> 0°T< - vt M
A2 e e 6L0°T 31 ,
90 1< 01> 966°0 11
51qeUo0f3Iod[qp Ppoaiid3aig So0Tpul A3T[1qeo3uBydIajul 2 1qeaBueyd193ul AT939Tdwo)
=) o) nquo
ST $3S91 UOTISNqUO)
090°T *n/n
evET v 6921 "oN 2qqoM ,
b L8S" 05°0 A31ae1y OTFTOadsS ‘ < EqTydeN
W 0€0T A9/n1d %£6 snTep SuriEeH
19700
ser TeinjeN
,mEmmum
, e
on e <
%0° 00T . & o
(=] "
—_— [ [y
00 20°T: B m 19383Y
- o —1adng
200 %0°2 ] e =
) TI ] paod
Ty %91 0D :
"HD %%°68
B} \ 4
uot3fsodwo) SEBH




INVHIE HIIM INIWHOTUNA Y14V ONS % H¥N9Id

80> 0'1< SL6°0 AI
AR 81" 1> rmn 180’1 1
90" 1< 01> $$6°0 1
31qeuotridalqQ poxaajzaixg §32Tpuy %mwaﬂammwﬁmﬁuuwuaw
SITWT]
97qea3ueyd
—I9JUl POIAPTSUO)
600" T Sm/%n d13-moTT9£ 03
evel (A%} *ON @qqoM | Aduspual YSBTIS
L8S” . 86570 A31A®15 OTITORdS
0€0T 40/01g 0€0T anTep Surieey $1S9], UOT3sNquo)
sen Teinjey

%0 001
00 %6°0 %0°00T
200 281 00 %0°1
*HED %T°TT K BT U 200 %0°C
sueyly
ty L9 TH %9°L
"HD %% 6L "HD %Y 68
uoTITSoduo) seyn GO..HU..HwOQEOU sBH

. P ~ .
s el am adS e e - — af — T xS




~ JE— - - ( - /l/ N I/o/|/ i
NOILVDIJAISYY TIVOD KOMA 9HNS G HiNdId
. 80> 0°T< 80'T A1
2 1< 81" T> 1. zeorT A1
90" 1< 01> 0’1 1
21qeuo}3oalqQ Ppeo1lsjeid SooTpul KIT1Iqeeodusyoiaiu]
SITWTT
2 1qe93ueyd
- | 193UT poI2pISuUO)
, %20°1 S/ 3317 01
EVET CIET “ON @29qqoM Aouapuel IYSIIS
! L8S° $%6°0 £31ARID OFJTO0dS
3 0€0T 40/n14d 896 . anTe)p BuriesH s1sel UOfasnquo)
] . .
Se5 Teingey
#0°00T
00 %1°0
20D 4170
ZH %L°9
"HD %1°€6
uoT3Fsoduo)) Seo




|
)

\

-61-

OIL SHALE AS A PQTENTIAL ENERGY SOURCE
Sidney Katell and Paul Wellman
U.S. Department of the Interior
Bureau of Mines
Process Evaluation Group
Morgantown, W. Va.
INTRODUCTION

Although the physical exhaustion of petroleum resources appears to be many
years away, the increasing demand for petroleum has led to concern for adequately

" meeting future demand, The conversion of oil shale to a synthetic crude oil, which

can be accomplished by various systems under consideration, is one of the several
alternative ways to supplement petroleum requirements. -

An oil shale processing complex consisting of three mines, three retorting
plants, and a prerefinery has been proposed for the production of 100, 000 barrels

-per calendar day of semirefined oil. Included are the equipment and installation

for mining and retorting in the Roan Creek area in Colorado and the pipelining of

the gas and crude oil to the prerefinery in DeBeque, Colo. In addition, the cost of
chemicals and catalyst, interest during construction (plants), interest during develop-
ment (mine), startup expenses, and working capital have been taken into account.
The complex is designed to process 174, 820 tons per stream day or 157, 335 tons per
calendar day (CD) of raw oil shale assaying 30 gallons of oil per ton of shale.

Figure 1 is a block diagram of the total complex. "

MINE DEVELOPMENT AND GENERAL MINING PLAN

Three mines will be operated to produce the required tonnage. At each mine,
development will begin by driving three headings from the outcrop in the top bench
of the minable section of the oil shale. These headings will be 30 feet wide by 31
feet high with 60-foot barriers between headings. One heading will be the main return
airway, the center heading will be the belt haulage, and the right heading will be the
intake airway and haulageway for men and supplies.

It is assumed that the development headings can be turned to the right at 600
feet and be clear of any weathering along the outcrop. The development headings
will consist of three entries similar in size and functions to the main heading. The
production panels will start operations as the development has advanced the required
distance. It is estimated that 200 days will be required to open the first panel.

The mining plan is to mine the right side of the mine until the limits of mining
are reached. The left side will be mined on the retreat. Under this system the mine
will go into full production in the shortest possible time. It also means that the working
area will be concentrated and better control of ventilation, haulage, and supervision

will result.
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_Sufficient plaées will be provided to load tonnage. The crews will be equipped
with a heading jumbo, scaling and bolting rig, bulldozer, front-end loader, and
trucks.

The production panels are 1,860 feet by 1,020 feet and are mined using a 33-
foot thick heading round and 28-foot bench round. The headings are 60 feet wide.
Sixty-foot square pillars, regularly spaced, are left for support. A ramp will provide
haulageway from the bench round to the main haulage level. Production panels will
be equipped with a heading jumbo, a bench jumbo, scaling and bolting rigs, bulldozers,
front-end loaders, and trucks.

‘ The ore will be transported to portable crushers located at the mouth of the
panel. These crushers will discharge onto a 60-inch belt that will carry the ore to . ‘
the main haulage 60-inch belt. ’

The roof will be supported by roof bolts on 6-foot centers. Sixty-foot barriers
will be left between panels and development on main headings.

Ventilation will be provided by 1 million cfm dual fans at the main portals.
Direction of the airflow is controlled by crosscuts, regulators, and overcasts.
Portable hlowers with tubing provxde secondary. venulanon.

PRIMARY CRUSHING AND SCREENING PLANT

The run-of-mine shale is conveyed directly to the receiving hoppers at the
crushing plant; one plant is provided for each of the three mines. The underground
concrete hoppers are sized to provide 24-hour surge storage. The shale from the
bottom of the hopper is conveyed to the primary-crusher feed bin at a rate of 58,272 )
tons per stream day or 2, 428 tons per hour. A 90-percent onstream factor is
assumed for the plants. Three conveyors, 48 inches wide and 200 feet long, are
required. The shale is dumped into three parallel storage bins which are sized for : ,/
1/2-hour holdup. From the storage bins the shale is fed by magnetic vibratory
feeders to the primary gyratory crushers where the size of the shale is reduced to
minus 10.5 inches. The crushed shale is conveyed to underground surge bins (sized
for 24~ hour holdup).

The shale from the bottom of the surge bins is transported to the secondary
crusher feed bins on 48-inch=wide belt conveyors.

SECONDARY AND TERTIARY CRUSHING' AND SCREENING PLANTS

The shale at a rate of 58, 272 tons per stream day is fed from the storage bins /
to three double hopper feed bins in the secondary crushing system. From each surge {
bin the shale is fed by two magnetic vibratory grizzly bar screens (six operating in )
parallel). The minus 4.5-inch material (47 percent of the total) falls through the
screen to the product conveyor from the secondary crushers. The plus 4.5-inch
material feeds to the secondary crushers (six crushers in parallel) and is crushed
to minus 4.5 inches. The shale is then conveyed back under the screens, picking up
the material that originally passed through the vibrating grizzlies, and is transported
to tertiary crushing.
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Three feed hoppers in tertiary crushing provide 20-minute holdup and receive
the shale at a rate of 805 tons per hour for each hopper. Magnetic vibratory feeders
(6 in parallel) are used to feed the vibrating screens (6 in parallel); the minus 3-inch
material is screened out and falls on the product conveyors from the tertiary
crushers. The plus 3-inch material (35 percent of the total) then feeds to the
tertiary crushers (6 in parallel) where it is reduced in size to minus 3 inches. The
shale is then transported by the return conveyors, picking up the material that
passed through the 3-inch screens, to the main conveyor and is conveyed to three
surge storage hoppers (3-day holdup). '

From the surge storage hoppers 57,600 tons per stream day of shale is fed
to the splitter in the screen house. Sixty-five percent of the shale bypasses the
screens and feeds directly to the surge bin for feed to the retorting plant. The
double-deck screens (three in parallel plus one spare) remove the minus l-inch

_ material on the top screen-and minus 3/16-inch material on the bottom screen. The

screens are fed by vibratory feeders. The shale from the top of the screens feeds
to the conveyor that transports the bypass to the retorting plant and the fines from
the screens (2, 256 tons per stream day) are conveyed to the briquetting plant.

The overall dust losses in the crushing and screening operations are estimated
to be 1.32 percent of the shale handled. Half of this loss is assumed to occur in
crushing and transporting and the balance in screening.

BRIQUETTING PLANT

The fines are conveyed to the briquetting surge bin No. 1 on a 20-inch belt
conveyor. The fine shale is then fed by vibratory feeders to two parallel hammer
mills where it is reduced in size to minus 14 mesh. From the mills the shale is
conveyed to surge bin No. 2. A vibratory pan feeder is used to feed the milled
shale to two parallel double-paddle horizontal mixers where it is mixed with crude
shale oil (binder). From the mixers the material flows by gravity into the briquetting
machines.

The briquettes are then sent by conveyor to surge bin No. 3 and are then
conveyed back to the retort feed conveyor.

RETORTING PLANT

The three retoring plants, each consisting of four 56-foot diameter units,
will be located in close proximity to the three mine locations. The retorts are
scaled up from smaller unit data but are assumed operable to facilitate this study.

The shale from the 3-hour surge bins and the briquettes from the briquetting
plant are fed to the retort feed hoppers (atop the retorts). Each of the plants uses
one belt conveyor equipped with an automatic tripper to feed the retorts.

The retorts are equipped with Cameron and Jones1 improved feeding and
discharge mechanisms. The feeding and discharge mechanisms are described in
detail ("Quarterly of the Colorado School of Mines, " v. 60, No. 3, July 1965) in a
paper presented to the Second Oil Shale Symposium.
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Each retort processes 14, 376 tons per stream day of shale and briquettes and
produces 9,693.5 barrels per stream day of crude shale oil, 86, 242,000 standard
cubic feet per day of excess low-Btu gas, and 11,160 tons per stream day of- spent

shale.

The shale bed in the retorts is maintained at a depth of approximately 18 feet.
The fresh feed at the top of the unit is preheated by the off gases from the retort
combustion zone. The shale, at a rate of 500 pounds per hour per square foot of
cross sectional area, moves through the preheat zone of the retort. The combustors,
located near the midpoint of the shale bed, use recycled low-Btu gas burned with air
to provide the heat needed for retortmg

About 82 percent of the recycled gas is fed to the bottom of the retort and is
utilized to cool the spent shale to about 200° F prior to discharge. The remainder of
the recycled gas, together with the combustion air, is fed directly to the combustors.

The'gases from the top of the retorts, with entrained crude shale oil, flow
through rotoclones and electrostatic precipitators for separation of gases and oil.
" The crude is then pumped to storage tanks located at the retorting site. The low-
Btu gas is compressed either for recycle or to supply other plant fuel requirements.

The spent shale is fed to a common conveyor belt for discharge into a canyon.
The mines and retort plants are located to provide dry canyons for the spent shale
disposal. Itis assumed that mined out areas will be utilized as soon as they become
available. The crude shale oil from the retorts, 116, 322 barrels per stream day,
flows by pipeline to the refinery storage tanks near DeBeque, Colo.

PREREFINERY

The crude oil from storage is charged to a distillation column. The crude is
heated in a furnace enroute to distillation. The crude charge is decomposed into a
heavy fraction and vapors, about 50 percent bottoms and 50 percent overhead. The
residual heavy fraction from the bottom of the distillation column is fed to the coke
drums. The overhead product is cooled and depropanized to yield a distillate
product, 55,100 barrels per stream day. The uncondensed gases, consisting of Cs
and lighter gases, are utilized for plant fuel. The liquid hydrogenated product, 42°
API, is pumped to storage. '

The bottoms from the distillation column are fed through a preheat furnace to
the delayed coking units. The feed is preheated prior to being charged to the drums.
. The product from the top of the coker, the coker distillate, is cooled and depropanized
and then, together with the distillation overheads, is charged to hydrogenation. The
coke from the drums, 1,710 tons per calendar day, is stored for sale. The hydro-
crackers operate at 835° F and 1, 500 psig and produce a product containingabout
45 volume percent material in the gasoline boiling range.

|
|
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The gas streams from the hydrogenation, delayed coking, and distillation
contain the sulfur and nitrogen available for recovery, the recoverable materials
being in the form of hydrogen sulfide and ammonia. The streams are processed
as follows: An ammonia-water wash is used to remove the hydrogen sulfide from
the coker and distillation gases, and a water wash is used to extract the ammonia
and hydrogen sulfide from the hydrogenation gas. The combined ammonia-hydrogen
sulfide-water solution is then heated to 170° F to drive off the hydrogen sulfide which
is scrubbed with sulfuric acid to remove traces of ammonia. The hydrogen sulfide
is reacted with air in a Claus kiln to form sulfur (85.5 tons per calendar day) which
is recovered as a hot liquid and stored for sale. The ammonia-water solution is
pressurized to 230 psig and heated to 330° F to liberate the ammonia (275.5 tons
per calendar day), which is cooled, condensed, and stored for sale in liquid form.

About 89 percent of the washed gas from the gas treating plant is steam
reformed to produce the hydrogen needed for hydrocracking. The gas used for
hydrogen generation is converted to produce 76 percent of the hydrogen theoretically
available with complete conversion of the gas. A small amount of methane is pur-
chased to augment the fuel supply. Using methane as an example (other hydrocarbons
in the coker gas react in an analogous manner), the conversion involves the two
following steps:

CH4 + H)0 + (€O + 3H2 (1)
co + H20 > c02 + H2 (2)

with the following overall result:
CHy + 2H0 = CO, + 4H, (3)

The first reaction takes place in tubes at 50 psig and 1, 400° to 1, 500° F using
a nickel catalyst and an excess of steam. The endothermic heat of reaction is
supplied by burning retort gas in the furnace surrounding the tubes. The hydrogen
yield then is increased by catalytic water-gas shift conversion at 800° F as
illustrated by equation 2. A hypersorber is used for hydrogen purification before
compression and introduction to the hydrocracking unit. The hydrogen requirement
is 1,662 standard cubic feet per barrél of product. Twenty-five percent excess
hydrogen is produced to provide for surges and losses.

CAPITAL INVESTMENT

Table | is a summary of the estimated total capital investment required to
develop the mines and to install the equipment to process 174,820 tons per stream
day of oil shale. Included are initial catalyst and chemicals, interest during
construction, startup expense, and working capital. The total estimated capital
investment is $426, 216, 400. '
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WORKING CAPITAL

Working capital requirements are detailed in table 2. Interest during
construction assumes a two-year construction period. An allowance of $l1, 033,100
" is included for startup expenses.

The cost of providing steam, power, cooling water, sanitary water, compressed

air, etc., isincluded in plant utilities.. The cost of administrative buildings, roads,
fences, rolling stock, etc., is included in plant facilities. A summary of utility and
facility costs is given in table 3.

OPERATING COST

Table 4 is a summary of the estimated annual operating costs. Included in
operating costs are labor, labor supervision, administration and general overhead,
raw water charges, annual catalyst and chemicals, taxes, insurance, and depre-
ciation. The annual operating cost is $85, 543,000 before credit for the byproducts
and $78, 434,600 after credit.

FINANCIAL ANALYSIS

Table 5 shows the method of determining financial analysis based on a 12-
percent discounted cash-flow rate which takes into account the present value of
capital expenditures (both before and after startup). The present value of the
positive cash flow includes the effect of changes after depreciation is taken. A
selling price of $3.74 per barrel for the semirefined oil (30-gallon shale) is required
to balance the present value of the capital expenditure with the present value of the
positive cash flow, using a 12-percent compound and discount factors and a 20-year
life.

Figure 2 illustrates the effect of varying the debt equity segment of the
capital investment and the relationship of different values for the interest rate on
the debt portion of the investment. This relationship is based on a selling price of
$3.74 per barrel for the semirefined oil. .

REFERENCES

1. Reference to specific makes or models of equipment is made to facilitate
understanding and does not imply endorsement by the Bureau of Mines.

"2, Russell ]. Cameron. Cameron and Jones Vertical Kiln for Oil Shale Retorting.
Pp. 131-146. )
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" TABLE 1. - Capital investment summary,
30-gallon shale

Mine: :

INitial TNVESHMENt . ciuetieneeeneeeeanasenasanesnsensennannss $24,609,400
Present worth of deferred expense (discounted at 12 percent) 14,518,900

Retort plant: - ) )

S e P 115,381,100

Crushing and screening.........cccoiiiniiiiinneennreconnaress 12,316,000

Briquetting....... enenaes N tressecsrrnaetne 1,582,000
REFTMEEY .« v et st neen e e eenssnecasnsssasessoeesessensnennsonnens 113,339,700
UBTTH LTS e et e teeeeenreaaaeeeennnnaaneesannnnnenannns 41,469,400
FACTTT LIS e v e e vevenassineseanuennnenereeesssnonnnoeenneenonnns 30,898,200
D32 e eeeeeiaeeeaees.. 354,114,700
INTETA] CAtATYSte e rn e eenern e ennrssernenesnsosnernensanennens _9,517,700
Total Plant COSteeuureeneeennnesserssesoossonsnenenss Cereenrens 363,632,400
Interest during construction (plant)............ Ceeerecnenenaes 16,225,200
Interest during development (mine).........coeeveiivinrarnsones 561,700
Startup expense (plantg ............. e reeverearrararaaenas 11,033,100
Subtotal for depreciation........ SO e e 391,452,400
HOPKING CAPTLAT . e errreerareensrennrsiennneesnsonsseneronnes .. 34,764,000
TOAT . e ee e ieetesereencnsecsocnnssansasonnnsnne Cerereenaas e 426,216,400
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TABLE 2. - Working capital
30-gallon shale

CaSh. . veiiiienrereronnnconannss 30 CD operating cost...

Accounts receivable............. 90 CD operating cost...
Inventory.....iveivvencenonnnnns 30 CD operating cost...

1 Includes $5,944,100 for mine.

Dollars
6,952,800
20,858,400

6,952,800

34,764,000!
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TABLE 3, - Summary, utilities and facilities,

30-gallon shale

Utilities Facilities
Retorting plant:
GENEratoOr. . oveevrennnencesonvensns $3,375,000
Turbine. . coevivenrvereensranersnnse 8,160,000
Startup diesel generator set....... 1,080,000
Power distribution.............. N 4,125,000
Air compressor........... Cesrasenas 3,582,000
GAS COMPreSSOr...vevevearssosrensns 1,582,200
Steam generation and dlstr1but1on . 333,000 .
Site preparation, etC........co.uun $1,500,000
Administration building............ 750,000
Subtotal............ Ceienes resereeses 22,237,200 2,250,000
Refinery:
Powerplant........ccvvvvieiiannnns 9,100,000
Power distribution........... Neeene 3,850,000
Steam generation...........c.counenn 5,200,000
Air compression plant......... Ceen 750,000
Telephone system......cceeveeeneees 332,200
WarehouSe...ccvevercesscneasnncanes 480,100
Maintenance & operating building... 266,700
Central shopS.....coeveeieronrenans 3,683,600
Intermediate gathering system...... 1,945,000
Water treatment and distribution
(includes cooling water}......... 8,983,300
Condensate system.............co0s 1,540,100
Laboratories......ccevveuennnns reees 1,149,500
Operating unit buildings........... 2,937,600
Other refinery buildings........... 638,600
Refining site, roads, and fences.. 1,053,700
Sewage and refuse system........... 5,970,000
Subtotal......... Cetians Ceerasaseansen 19,232,200 28,648,200
Total.......ovvnn Cereateracirasassaens 41,469,400 30,898,200
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TABLE 4, - Annual operating cost,
30-gallon shale

Annual cost,
dollars
Natural gas--3,610 Mscf/CD x 365 days/yr x $0,.25/Mscf... 329,400
Charge for use of water (Colorado)...
.+.480 M gph x 8,760 hr/yr x $0.026/M gal... 109,300
Annual catalyst and chemicals,...ovievrnrrnnnnronoranase 5,335,000

Direct 18DOr PlaNt. . useuuiguvsrerererrnreniensoneeenene 2,980,900
Direct labor supervision plant.... ... ... . i 540,000
Direct 1abor MiN@. . veiueviuiiinnsiiorionerinnerenernnes 5,282,500
Direct Tabor supervision mine.....iveveveerennsrnneesns 378,000
Maintenance 18bor PlaNt....vviveiaietieirirrnevernonans 4,325,000
Maintenance labor supervision plant..........cvvevenen. 420,000
Maintenance 12bOr mine.....cvvvevvvrvennrennes . 1,526,300
Maintenance 1abor supervision mine......... 315,000

Operating supplies, mine......ce0vuvnn sesesnsansnsresess 10,102,400
Operating supplies, plant (20% of plant maintenance).... 1,814,000
Maintenance materials, plant (100% of maintenance labor) 4,325,000
Payroll overhead, mine (35% of payrol1)...vevevienennn.. 2,625,600
Payroll overhead, plant (25% of payroll).....vvveveennss 2,066,500
Administration and general overhead, plant.............. 1,235,900
Administration and general overhead, mine............... 1,293,800
Taxes (land valued at $1,000/acre, 6 sq miles) at :

68 mills per dollar of evaluation...... N 261,100
Taxes on improvement at mine (at 68 mi11s per dollar on
1/3 the cost)..... Cr e Y st e e teetarrieetentonnrnnene 557,800

Insurance, mine, 2% of investment...........ceuu.... cere 492,200
Taxes (retorting, crushing and screening, and .
interplant pipelines) at 68 mills per dollar on

1/3 the €OSt. . vtivviiiirerisonsninsocnnnnnnns cesenans 3,485,300
Insurance (retorting, crushing and screening, and

interplant pipelines) at 2% of investment............ 3,075,300
Taxes (refinery) at 68 mills per dollar on 1/3 the cost. 3,870,000
Insurance (refinery) at 2% of investment................ 3,414,800
Deprectation .. ... iiiiiiviiiiiiiiiiiiiirinneienaenan, 25,381,900
Annual operating CoSt.. .. vevererervrnrnvnneennncacnenss 85,543,000

Cost, dollérs/barrel of oil = 85,543,000 + 36,500,000 = 2,34

Cost, dollars/barrel of ol after byproduct credit = 85,543,000 - 7,108,400
36,500,000

= 2.15
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REFINING OF CRUDE SHALE OIL PRODUCED BY IN SITU RETORTING

By
C. M. Frost
Laramie Energy Research Center, U.S. Department of the Interior,
} Bureau of Mines, Laramie, Wyoming 82070
. INTRODUCTION

Crude shale oil produced in successful in situ combustion retorting experiments

} by the Bureau of Mines at Rock Springs, Wyo. (2,3) has characteristics that are some-
what different from those of shale oil crudes produced in either N-T-U or gas combus-

\ tion retorts (1,9). Its gravity, pour point, and viscosity are such that it could be
pipelined directly to a refinery without further processing. In addition to a lower

A specific gravity, viscosity, and pour point, this in situ crude oil contains more than
twice as much naphtha and light distillate as gas combustion or N-T-U crudes, The in

/ situ crude also shows a higher degree of saturation than the crudes produced by other
processes. These properties indicate that in situ crude is similar to coker distil-

i lates from other crude shale oils.

In previous studies of the refinability of crude shale oils, either coking or
‘ prehydrogenation has been used as an initial step to reduce the viscosity and boiling
l range (5,10), or high-pressure hydrogenation with recycling of heavy ends has been
used to produce catalytic reforming and catalytic cracking stocks (6-8). Because of
the similarities between in situ crude shale oil and coker distillates obtained from
N other crude shale oils (4,10), the in situ crude should be amenable to refining methods
used for coker distillates.

. In 1956 the Bureau of Mines reported results of a refining study on coker distil-

\\ late prepared by recycle, delayed coking of crude shale oil produced in an N-T-U
retort (4). The present study describes similar experiments made with raw in situ
shale oil produced at the Rock Springs, Wyo., in situ experiment (2,3). The refining

' involves hydrogenating that portion of the shale oil crude boiling above 400°F, hydro-
denitrogenating and reforming the naphthas produced in the distillation and hydrogen-

L ation step, and catalytically cracking that portion of the hydrogenated heavy oil

» boiling above 400°F.

PROPERTIES OF IN SITU CRUDE SHALE OIL AND ITS DISTILLATE FRACTIONS

\ . The crude shale oil used in this study was obtained from the in situ combustion
retorting experiment at Rock Springs, Wyo., during the 3rd to 27th day of operation,

j A sample of the raw crude shale oil was dewatered and fractionated in a batch still
equipped with a packed column, equivalent to 25 theoretical plates at total reflux.
Properties of the crude shale oil and the various distillate fractions are shown in

\ table 1.

| The naphtha fraction from in situ crude shale oil is unstable, has a poor boiling
range distribution, and contains undesirable quantities of sulfur and nitrogen. It
has a low octane number despite the fact .that it contains 26 volume percent aromatics.
The diesel fuel is also unstable., It darkens rapidly on standing and has a high vis-
cosity and carbon residue content, It contains less sulfur than the naphtha but con-
siderably more nitrogen,
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HYDROGENATION OF.THE 400°F+ FRACTION

The total 400°F+ fraction from the in situ crude oil was hydrogenated over a pre-
sulfided cobalt molybdate catalyst in a fixed-bed, bench-scale unit, the flow diagram
of which is shown in figure 1. The oil was mixed with 2,700 scf of hydrogen per barrel
and passed downflow over the catalyst bed contained in a stainless steel reactor heated
by a four-zone electric furnace. Pressure was maintained at 1,100 psig by means of a
back pressure regulator, and liquid product was collected in a séparator maintained at
200 psig. Tail gas from the separator was metered and sampled. The hydrogenation was
accomplished in a continuous 96-hour run. No deactivation of the catalyst was evident
from analyses of the products taken at various time intervals during the run., Process-
ing conditions and product ylelds are shown in table 2, )

Calculations based on the amounts of hydrogen charged to the unit and recovered
in the products indicate that 1,145 scf of hydrogen per barrel was used in the hydro-
genation step. This quantity is of the same order as that reported by Carpenter and
coworkers (4) for hydrogenation of the 400°F+ fraction from N-T-U coker distillate.
The amount of hydrocracking occurring during the hydrogenation was not excessive since
only about 20 volume percent of the feed was converted to products boiling below 400°F
as compared to the 45 volume percent reported for hydrogenation of the 400°F+ fraction
of N-T-U coker distillate. About 75 percent of the nitrogen and 90 percent of the
sulfur were removed from the charge stock by hydrogenation. These values are only
slightly lower than those obtained by Carpenter and coworkers on the coker distillate
from N-T-U crude at a slightly higher operating temperature.

The total liquid product from the hydrogenation step was separated into 1igh@
naphtha, heavy naphtha, and 400°F+ bottoms in the same equipment used to fractionate
the original in situ crude. Properties of the charge stock and liquid fractions are
shown in table 3.

The heavy naphtha fraction had a research octane number of 55.4 and contained
0.28 weight percent nitrogen and 0.01 weight percent sulfur. The 400°F+ fraction con-
tained 0.56 weight percent nitrogen and 0,02 weight percent sulfur.

HYDRODENiTROGENATION (HDN) OF NAPHTHA

The heavy naphtha from the hydrogenation of the 400°F oil was combined with the
raw naphtha from the distillation of the original crude. The combined naphtha was
then hydrodenitrogenated over a presulfided nickel-tungsten catalyst in the same unit
used for the hydrogenation step. Processing conditions used and product yields are
shown in table 4, Properties of naphtha charge stock and the HDN product are shown
in table S5, ‘

The yield of naphtha from the HDN step was 103.96 volume percent. Considerable
‘saturation occurred during the HDN step since olefins were completely eliminated and
the aromatic content was reduced from 23 to 5.5 volume percent. This is also apparent
from the lower octane number of 36.4. Nitrogen was reduced from 0.9 weight percent to
4 ppm. This reduction may partially account for the increase in the amounts of lower
boiling components in the naphtha after HDN.

REFORMING OF NAPHTHA

The total liquid product from the HDN step was used as feedstock for reforming.
A 20-ml bed of fresh Engelhard RD-150 reforming catalyst contained in a 9/16-inch I.D.
stainless steel reactor was used. Reforming was carried out at 859°F, 500 psig, a
liquid hourly space velocity of 3.0, and a hydrogen feed rate of 3,500 scf of hydrogen
per barrel. Liquid products were collected in a separator maintained at 200 psig, and
were stabilized to yield reformate and gases composed of butanes and lighter components.
_Octane numbers were obtained on the stabilized reformate. Operating conditions and
product yields are shown in table 6, and properties of the reformate are given in
table 7. ’
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The liquid and hydrogen yields, octane numbers, and yield octane numbers are
consistent with those found by other investigators when reforming shale oil naphthas
under similar conditions (10). It is reasonable to expect that higher reforming tem-
peratures would result in reformates with higher octane numbers.

CATALYTIC CRACKING OF 400°F+ HYDROGENATE

The 400°F+ bottoms from the hydrogenation of the 400°F+ crude.oil were catalyt-
ically cracked in a fixed-bed laboratory unit., The oil was preheated in'a tube furnace
and passed downflow over a bed of Houdry HZ-1 catalyst contained in a stainless steel
reactor heated by a four-zome electric furnace., Reactor eéffluent was cooled by exchange
with tap water and was collected in a separator maintained at 32°F, Tail gas passed
through a cold trap cooled with Dry Ice and into a gas holder. Gas and light ends
were analyzed by GLC. Coke deposits were determined by analysis of the regeneration
gases.

Cracking was carried out at 900°F, atmospheric pressure, and a liquid hourly space
velocity of 0,8. 0il was charged to the unit until a catalyst to oil ratio of 4 was
reached. Operating conditions used and product yields obtained are shown in table 8,
and properties of the liquid products are shown in table 9. A total yield of 40.95
volume percent gasoline was calculated as the sum of observed gasoline volumes plus
additional volumes potentially available from alkylation of propylenes and butenes.

At the 50- -percent conversion level the gasoline had a high octane number of 99 +
RON + 3 and represented 21.08 volume percent of the raw shale oil.

SUMMARY AND CONCLUSIONS

Refining tests made on crude shale oil produced in the Rock Springs, Wyo., in
situ experiment showed that its refinability is similar to those of coker distillates
made from other crude shale oils, A summary of product y1e1ds‘for the set of operat-
ing conditions used is shown in table 10, No attempt was made to optimize the refin-
ing conditions used since the object of these experiments was to compare the refining
characteristics of total in situ crude shale oil with those of a coker distillate
refined under similar conditions., The use of higher temperatures and pressures during
the hydrogenation of the 400°F+ fraction would undoubtedly reduce the nitrogen content
of the catalytic cracking stock and increase the amount of gasoline available for
reforming.
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TABLE 1. - Properties of Rock Spri‘ngs', Wyo. , in situ crude -

shale oil and its distillate fractions

Crude Naphtha Diesel 650°F+
Yield, vol pct . 100 25.57 45.73 28,70
Gravity, °API 28.4 44,1 30.5 15.6
Carbon, wt pct 84.88 84.32 85.38 84,58
Hydrogen, wt pct 12,02 13.66 © 12,04 10.87
Nitrogen, wt pct ) 1.69 1.23 1.55 2.17
Sulfur,; wt pct 0.60 0.66 0.59 0.50
Oxygen, Wt pct 0.80 0.13 0.44 1.83
Pour point, °F 10 - <5 -
Viscosity, SUS at 100°F 45 - 38 -
.Carbon residue, wt pct 1.7 - 1/1.2 2.4
Ash, wt pct 0.01 - 1/0.03 0.05
ASTM distillation, °F at 760 mm:
IBP 241 239 428 -
5 pct recovered 348 290 451 -
10 383 303 460 -
20 422 314 474 -
30 460 326 485 -
40 . 498 336 494 -
50 537 346 508 -
. 60 575 356 522 -
70 ' 625 365 542 -
80 665 375 563 -
90 - 387 595 -
95 : - 398 614 -
EP 673 408 - 631 -
Recovery, vol pct 83.0 98.5 98.5 -
Octane numbers: R
Research, clear - 57.9 - -
+ 3 ml TEL - 59.4 - -
Hydrocarbons, vol pct:
Paraffins + naphthenes - 56 - -
Olefins - 18 - -
Aromatics - 26 - -

.1/ 10 percent bottoms.
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TABLE 2. - Hydrogenation of 400°F+ in situ shale oil

Operating conditions:

Temperature, °F
Pressure, psig

Space velocity, V,/V./hr

Catalyst

Hydrogen feed, scf/bbl
Hydrogen consumed, scf/bbl

Product yields:

Liquid product
C5 - 160°F
160° - 400°F
400°F+

Coke

Hydrogen
Methane

Ethane

Propane
Isobutane
Butane

Butenes
Ammonia
Hydrogen sulfide
Water

815
1100
0.72

Co-Mo
2700
1145

Percent of feed

wt vol
95.60 102.40
1.14 1.69
16.33 18.79
78.13 81.92
0.13
~1.92
0.80
0.84
0.78
0.12 0.19
0.41 0.63
0.09 0.13
1.63
0.59
0.92

Percent of crude

wt vol
73.28 76.22
0.87 1.26
12,52 13,99
59.89 60.97
0.10
-1.47

0.61

0.64

0.60

0.09 0.14
0.31° 0.47
0.07 0.10
1.25

0.45

0.71




TABLE 3. - Properties of charge stock and products from

hydrogenation of 400°F+ oil from in situ crude

Total . Light Heavy
liquid naphtha naphtha
Charge product Cs5-160°F ~ 160°-400°F  400°F+
Properties:
Gravity, °API 25,1 36.6 80.0 48.5 32.5
Carbon, wt pct 85.19 86.24 83.42 86.16 86.32
Hydrogen, wt pct 11,61 13.22 16.49 13,53 - 13.11
Nitrogen, wt pct 1.87 0.48 0.03 0.28 0.56
Sulfur, wt pct 0.59 0.06 0.06 0.01 0.02
.Hydrocarbons, vol pct: '
Paraffins - - 9%.1 53.6 -
Naphthenes - - 2.4 29.8 -
Olefins - - 0.0 0.0 -
Aromatics - - 3.5 16.6 -
ASTM distillations,
°F at 760 mm: .
IBP - 168 - 199 434
5 pct recovered 437 332 - 244 461
10 , 457 387 - 261 467
20 483 437 - 275 478
30 510 465 - 298 495
40 ‘534 486 - 306 512
50 573 508 - 316 538
60 614 532 - 326 567
70 657 . 561 - 340 602
80" 678 598 - 352 638
90 - 644 - 365 -
-95 - 694 - 375 -
EP 679 694 - 381 661
Recovery, vol pct 83.5 95.0 - 98.0 87.0
Octane numbers:
Research, clear - - - 55.4 -
-+ 3 ml TEL - - - 75.2 -
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>,
. » TABLE 4. - Hydrodenitrogenation of naphtha
»
b Operating conditions:
Temperature, °F 700
Pressure, psig 1500
Space velocity, Vo/Ve/hr 1.07
Catalyst Ni-W
' Hydrogen feed, scf/bbl 5000
!‘ Hydrogen consumed, scf/bbl 649
N Product yields: Percent of feed Percent of crude
wt vol wt vol
Liquid product 98.72 103.96 35.41 41.13
N Coke 0.03 0.01
Hydrogen -1.23 -0.44
Methane 0.03 0.01
Ethane 0.22 0.08
Propane 0.42 0.15
Isobutane 0.11 0.16 0.04 0.06
R Butane 0.14 0.20 0.05 0.08
E Ammonia 1.09 0.39 :
Hydrogen sulfide 0.47 0.17

L
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TABLE 5, - Properties of HDN charge and’ product naphthas

Charge Product
Properties: | o
Gravity, °API 44,8 54.2
Carbon, wt pct 84,96 84.98
Hydrogen, wt pct . 13,61 15.02
Nitrogen, ppm 9000 4
. Sulfur, wt pct 0.43 0.00
Hydrocarbons, vol pct:
Paraffins . { 65 56.1
Naphthenes - 38.4
Olefins 12 0.0
Aromatics - 23 5.5
ASTM distillation, °F at 760 mm:
IBP 203 175
5 pct recovered 257 237
10 273 - 252
20 294 268
30 309 281
40 323 301
50 336 317
60 346 331
70 7 357 343
80 367 358
90 379 377
95 389 395
EP 400 404
Recovery, vol pct 98.0 97.3
Octane numbers: -
Research, clear 57.0 36.4
+ 3 ml TEL - 59.3
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TABLE 6. - Reforming of HDN naphtha

Operating conditions:

°F 859

Temperature,
Pressure, 'psig : 500
Space velocity, Vo/V¢/hr 3.01
Catalyst RD-150
Hydrogen feed, scf/bbl 3500
Hydrogen yield, scf/bbl 951
Product yields: Percent of feed Percent of crude
wt vol wt vol
Liquid product 91.85 89.61 32.52 36.86
Hydrogen 1.89 0.67
Methane 0.48 0.17
Ethane : 1.44 0,51
Propane 2.54 0.90
Propylene 0.05 0.06 0.03 0.03
Isobutane 0.65 0.88 0.23 0.36
Butane ) 1.10 1l.46 0.39 0.60




TABLE 7. - Properties of reformate

ASTM distillation, °F at 760 mm:
IBP
5 pct recovered
10

EP
Recovery, vol pct

Octane numebers:
~ Research, clear
+ 3 ml TEL

141
201
230
259

275

290
308
318
330
340
357
375
383

96.5




)
)
N

e

85
)
3
(
b
?
N TABLE 8. - Catalytic cracking of 400°F+ hydrogenate
\ i .
| ) Operating conditions:
Temperature, °F 899
\\ Pressure Atmospheric
' Space velocity, V,/V./hr 0.8
Catalyst ‘ HZ-1
Product yields: Percent of feed Percent of crude
wt vol wt vol
! Liquid product 76.34 81,01 45.72 55.81
) . Cs - 400°F 24,54 30.60 14.70 18.66
N 400°F+ 51.80 50.41 31.02 30.74
. Coke 7.21 4,32
\ Hydrogen 0.47 0.28
™ Methane 1.27 0.76
Ethane 1.29 0.77
R Ethylene 0.65 " 0.39
) Propane 2.74 1.64
f Propylene 2.24 3.73 1.34 2.27
\ . Isobutane 4.46 6.88 2.67 4,20
Butane 1.50 2.24 0.90 1.36
Butenes 1.84 2,42

. 1.10 1.48
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TABLE 9. - Properties of Eroduéts from catalytic

cracking of 400°F+ hydrogenate

400°F+

C5-400°F

ASTM distillation, °F at 760 mm:
IBP ) 107 410
5 pct recovered 123 435
10 140 439
20 " 155 448,
30 180 455
40 228 467
50 256 479
60 281 506
70 296 526
80 318 -
90 344 -
95 365 .-
EP .- 3713 530
Recovery, vol pct 96.0 71,5

Octane numbers: )
Research, clear 90.9 -
+ 3 ml TEL 99.2 -

-~
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TABLE 10. - Summary of yields from refining:of in situ crude shale oil

ProcesslfAiwggpct A B C D Totals
Cs - 160°F gasoline 0.87 0.87
"Reformate 32.52 32.52
CC gasoline 14,70 14,70
400°F+ recycle oil 31,02 31,02
Coke 0.10 0.01 4,32 4,43
Hydrogen -1.46 -0.44 0.67 0.28 ~-0.95
Methane - 0.61 0.01 0.17 0.76 = 1,55
Ethane 0.64 0,08 0.51 0,77 2.00
Ethylene 0.39 0.39
Propane 0.60 0.15 0.90 1.64 3.29
Propylene 0.03 1.34 1.36
Isobutane 0.09 0.04 0.23 2.67 3.03
Butane 0.31 0.05 0.39 0.90 1.65
Butenes 0.07 . 1,10 1,17
Ammonia 1,25 0.39 1.64
Hydrogen sulfide 0.45 0.17 0.62
Water 0.71 0.71

100. 95

22

1/ A. Hydrogenation of 400°F+ in situ crude at 815°F, 1100 psig, and

0.72 LHSV.

B. Hydrodenitrogenation of raw naphtha and 160°-400°F naphtha from A
at 700°F, 1500 psig, and 1.1 LHSV,
C. Reforming of naphtha from B at 500 psig, 859°F, and 3 LHSV to yield
89.6 .vol pct of 90 RON + 3 reformate.
D. Catalytic cracking of 400°F+ 6il from A at 899°F and 0.8 LHSV.
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THE EFFECT OF MILD OXIDATION ON THE QUALITY OF A
SHALE-OIL NAPHTHA FRACTION

E. B. Smith, A. W. Decora, and G. L. Cook

U.S. Department of the Interior, Bureau of Mines -
Laramie Energy Research Center, Laramie, Wyoming 82070

INTRODUCTION

Green River shale-oil naphthas have several properties that make them require extensive refining
before they can be utilized. These properties include high levels of sulfur, nitrogen, and olefinic
compounds. Although Green River shale-oil naphtha is similar in hydrocarbon composition to
thermally cracked petroleum naphthas, a higher nitrogen content of the shale-oil naphtha [typi-
cally about 1 weight-percent (] distinguishes it from cracked petroleum naphthas. Another dis-
tinguishing characteristic of shale-oil naphtha is its higher reactivity to oxygen compared to
thermally cracked petroleum naphthas. In one case, this high reactivity to oxygen was reported
to cause the formation of as much as 10 weight-percent of high-molecular-weight gum containing
7 to.8 weight-percent nitrogen (2). This facile reaction with oxygen, which concentrates nitro-
gen in easily removable heavy products, suggests that oxidation of shale-oil naphthas might be
employed to improve the quality of the naphtha.

To explore this possibility, a fraction boiling at 140° to 150° C and selected for its high nitrogen
content and instability was distilled from a heavy shale-oil naphtha and portions of this froction,
hereafter called the naphtha fraction, were allowed to react with measured amounts of oxygen

under mild conditions. Samples taken during the reactions were separated into gum and volatile
material by vacuum distillation and the volatile material, hereafter called oxidized naphtha, was

analyzed. The effect of oxidation on nitrogen content and major hydrocarbon groups was assessed.

Also the susceptibility of an oxidized naphtha to further oxidation was investigated, and an oxi-
dation experiment was conducted on the naphtha fraction after its nitrogen content was reduced
by silica-gel treatment. This paper describes the results of these experiments.

EXPERIMENTAL PROCEDURE

Preparation of Naphtha Fraction

The source of the naphtha fraction was a heavy naphtha from Green River shale oil produced in an
- intemally fired retort. Based on preliminary testing and analyses of narrow boiling fractions of
the heavy naphtha, material boiling at 140° to 150° C (740 Torr) was selected for study. This
~ material, which had a high nitrogen content and showed high reactivity toward oxygen, was dis-
tilled from the source naphtha in a simple glass distillation apparatus under nitrogen protection.
About 1.5 liters of this fraction were redistilled in a jointless all-Pyrex glass bulb-to-bulb
vacuum distillation apparatus at 107 Torr. The water-white, gum-free distillate was divided
into samples of convenient size by pouring into glass ampoules under vacuum. The flame-sealed
.ampoules were stored in the dark until used for analyses or oxidation experiments. This naphtha
fraction had a nitrogen content of 1.26 weight-percent.

! Underlined numbers in parentheses refer to items in the list of references at the end of this
report.
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Oxidation Apparatus

The apparatus consisted of an oxidation vessel, electrolytic oxygen supply system, and associated
valves and tubing. The oxidation vessel was a flat-bottomed, wide mouthed, cylindrical glass
vessel equipped with a water jacket and fitted with a glass head with access ports for introduction
of sample and gas. The head was sealed to the main body by an O-ring.. '

The electrolytic oxygen supply system consisted of an electrolysis cell, constant current DC sup-~
ply, AC control circuit, drying tower, and check valve. The electrolysis cell, made of Pyrex
glass and equipped with platinum electrodes, was essentially two concentric cylindrical chambers
held vertical by a clamp. The outer chamber, containing the negative electrode, was a cylinder,
55 mm ID and 120 mm high, open at the top. Hydrogen released in this chamber was vented to
the atmosphere. The inner chamber, 30 mm ID by 110 mm high, closed at the top and ring-sealed
to the outer chamber at the bottom, vented to the oxidation system through an inner concentric
tube, 10 mm in diameter, ring-sealed at the bottom of the chamber, and extending to near the top
of the inner chamber. A hole in the wall of the inner chamber near the bottom allowed free flow
of the 0.5N sulfuric acid electrolyte between the inner and outer chambers of the cell. Elec-
trolyte level was maintained below the top of this inner concentric tube. Oxygen released at the
positive electrode in the inner chamber rose to the surface of the electrolyte and passed out of the
cell through the inner concentric tube. This tube extended from the bottom of the cell and ended
in an O-ring joint by which the cell was attached to the system.

. The electrolysis cell was powered by a Sorensen QRB 20-1.5 DC supply,? wired for constant cur-

rent operation that was turned on and off by an AC control circuvit. This circuit included a relay,
a General Electric elapsed-time meter displaying minutes and tenths, and a platinum wire contact
that functioned as a pressure switch. This contact was set to touch the electrolyte surface in the

:cell outer chamber at equilibrium pressure, completing a circuit that held the relay contacts open.

A drop in system pressure, causing the electrolyte level to rise in the inner cell chamber and drop
in the outer cell chamber, broke the contact, allowing the relay points to close the AC circuit to
the timer and power supply. Oxygen generated in the cell inner chamber restored system pressure
to equilibrium and remade the contact, thus shutting off the power supply and timer. This cell and
control arrangement were adapted from a system used for measuring biological oxygen demand (3).

Oxygen from the cell was dried by passing through 2 A molecular sieves in a water—jacketed glass
tower, 25 mm ID by 150 mm high. The drying-tower outlet was connected to a water-jacketed
glass check valve that prevented back flow through the oxygen supply system. This valve was a
fow -form, flat-bottomed, closed chamber with a vertical capillary inlet dipping 1 mm into a pool
of mercury, and an outlet side arm above the mercury level that connected to the manifold.

The system components were connected in series by 1/8 inch OD Teflon tubing and stainless steel

“pressure fittings to form a gas-tight manifold. Stainless steel valves in the system permitted iso-

lation of major components, control of gas flow, and provided access for pressure adjustment and
gas inlet.

Auxiliary equipment included two Brinkmann/Lauda K2R circulating water baths, a Cole-Parmer
9" x 9" magnetic stirrer, and a Teflon-covered stirring disk. One bath controlled the tempera-
ture of the oxidation vessel; the other bath controlled the temperature of the drying tower and
check valve. The magnetic stirrer activated a stirring disk that agitated the naphtha sample
during oxidation experiments.

2 Reference to specific brand names is made for identification purposes only and does not imply
endorsement by the Bureau of Mines to the exclusion of others that may be suitable.




Oxidation Experiment

In a typical experiment, the circulating baths were adjusted to the desired temperatures (20° or

25° C), and the apparatus was evacuated and refilled with dry oxygen three times. During this

operation, the cell contained no electrolyte and was plugged with a rubber stopper. The appara-

tus was evacuated through a port on the reaction vessel, and cylinder oxygen was admitted fhrough

the drying tower. With the system filled with oxygen at slightly above atmospheric pressure, the ,
cell was unstoppered and filled with electrolyte. After adjusting the liquid in the inner and outer
chambers to the same level, the platinum wire contact of the control circuit was adjusted to touch-

the electrolyte surface. The oxidation vessel was then shut off from the manifold and flushed with i
air. A weighed sample of the naphtha fraction was poured into the vessel through the sample in-
troduction port and stirred 5 minutes with the port open. During this period the electrical system

was turned on, pressure was reduced slightly in the oxygen supply system, the cell current was

adjusted to 700 mA, and the system was brought to atmospheric pressure by cell operation. When (
the cell shut off, the sample port was closed, the elapsed time meter.was set to zero, the vessel
was opened to the manifold, and the time was recorded. At intervals throughout the run, the time
and the reading of the elapsed-time meter were recorded. The quantity of oxygen supplied was
calculated from the value of the cell current and the reading of the elapsed time meter, using .
Faraday's law.

The reaction mixture was sampled by syringe and needle several times in the first 24 hours of reac- .
tion and thereafter at random intervals of 24 to 72 hours. Each sample was transferred to an o f
ampoule that was then attached by means of a stainless steel O-ring fitting to a vacuum tronsfer (
manifold. The sample was freeze-thaw degassed, the oxidized naphtha was distilled at room temp-
erature and 10~% Torr into another ampoule immersed in liquid nitrogen, and the ampoules were
sealed off by flame.

At the end of the run the oxidation vessel was shut off from the manifold and the reaction mixture

was allowed to stand. 1 hour without agitation. The liquid was then decanted into an ampoule and
was distilled in the same manner as earlier samples.

Analytical Methods

Total nitrogen was determined by microcoulometry (4) or the Kjeldahl method (5). Basic nitrogen
was determined by potentiometric titration with'0.1 N perchloric acid-dioxane soluflon using a
solvent medium composed of equal volumes of benzene and acetic anhydride 4.

A slllcc-gel adsorption method (7) was employed to determine hydroccrbon groups. Samples were
not treated to remove tar acids and bases before analysis (a mOdIflCOfth of the published method).

RESULTS AND DISCUSSION

The results of the study demonstrate that the shale-oil naphtha fraction is much more reactive
toward oxygen than is an unstable petroleum distillate. Furthermore, quantitative assessment of
.chemical changes in the naphtha fraction indicates that oxidation may be exploited as a means of
improving shale-oil naphtha. A silica-gel adsorption treatment provided evidence of the con-
stituents that are responsible for the instability of the naphtha fraction.

Selected properties of the naphtha fraction of this study, the heavy shale-oil naphtha from which . ,
it was separated, an NTU shale~oil naphtha, and an unstable thermally cracked petroleum naphtha

- are shown in table 1. The table gives the sulfur and nitrogen contents and the hydrocarbon com-

position of the materials. The thermally-cracked petroleum distillate chosen for this comparison, o
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TABLE 1. - Selected properties of three shale-oil distillates and an
unstable petroleum distillate

Boiling Total Basic Hydrocarbon
range, Sulfur, nitrogen, nitrogen, composition, vol pct
_Distillate type °C wt pet  wt pet wt pct  Saturates Olefins Aromatics
$.0. naphtha ' . '
fraction (this work) 140-150 0.66 1.26 1.08 . 28 42 30
5.0, heavy
naphtha 139-227 .87 1.53 1.20 28 49 23
NTU S.O. naphtha 67-213  1.24 1.21 1.00 30 48 22
TC! California dist.
No. 126 189-368 1.19 .37 .18 34 21 45

! Thermally cracked.

although not typical of all thermally cracked petroleum naphthas, had properties similar to those
of the shale-oil naphthas. This distillate had the highest nitrogen content and oxygen suscepti-
bility of the 34 distillate fuels that were investigated in another stability study (8). The properties
shown for the shale-oil naphthas, and in particular the high nitrogen and olefin contents, are typi-
cal for Green River shale-oil naphthas. Although most of the nitrogen is in the basic form (6), the
difference between total nitrogen content and basic nitrogen content is probably pyrrole nitrogen.
In the case of the naphtha fraction of this study, some confirming evidence for the presence of
pyrroles was shown by the presence of an N-H stretching vibration in the infrared spectrum.

/
The first part of the research was a quantitative comparison of the rates of oxygen consumption by
the naphtha fraction to the rate of oxygen consumption of the petroleum distillate of table 1.
Oxygen absorption curves for the petroleum distillate at 66° C (8) and for the naphtha fraction at
20° and 25° C are shown in figure 1. The curves for the naphtha fraction, representing three oxi-
dation runs at 20° C and two runs at 25° C, are the best that could be drawn through all data
points. It can be seen that in 40 hours the naphtha fraction at 20° C had absorbed as much oxy-
gen as the petroleum distillate at 66° C. At 25° C, the naphtha fraction absorbed more than twice
as much oxygen in 40 hours as the petroleum distillate. The difference is especially notable when
one considers that the petroleum distillate selected for this comparison represents an extreme case
found among petroleum distillates for which oxygen consumption data are reported.

The effect of oxygen absorption on both the total nitrogen content and the basic nitrogen content
was examined. Figure 2 shows the quantitative effect on these concentrations as oxygen is ab-

sorbed. In this figure, oxygen and nitrogen are expressed in moles per liter of naphtha. Early in
the reaction, absorption of 0.04 mole of oxygen per liter of naphtha results in a total decrease of

-0.07 mole of nitrogen per liter, but basic nitrogen is reduced only 0.04 mole per liter; the differ-

ence represents a reduction of 0.03 mole of nonbasic nitrogen per liter. Because nonbasic nitrogen
is attributed to pyrroles, these data give indirect evidence of the early participation of pyrroles in
the oxidation process. As the reaction progresses, basic nitrogen concentration decreases linearly
in the ratio 0.4 mole of basic nitrogen per mole of oxygen absorbed. Total nitrogen concentration
decreases somewhat more slowly, approaching half of the original concentration of total nitrogen.
The resulting divergence of the two curves near the end of the reaction period reflects a buildup
of nonbasic nitrogen compounds during the oxidation and a gradual decrease in the efficiency of
nitrogen removal. The results of these experiments show that the concentration of total nitrogen
was reduced 45 percent and the concentration of basic nitrogen was reduced 48 percent upon ab-
sorption by the naphtha of 0.3 mole of oxygen per liter. The gum recovered at this oxidation
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level amounted to about 8 weight -percent of the starting material. Thus nitrogen was concen-

_ trated in heavy products easily removed from the mixture by distillation. These data indicate the
possible utility of the mild oxidation reaction for improving the quality of shale-oil naphthas
through. nitrogen removal.

.‘Hydrocarbon analyses were made on the original naphtha fraction and on oxidiZed naphtha at two
levels of oxidation. The results of these analyses are given in table 2. The analyses show that

TABLE 2. - Hydrocarbon analysis of a 140° to 150° C shale-oil
naphtha fraction at different levels of oxidation

Olefins Aromatics

Oxygen absorbed, Hydrocarbon analysis, vol pct . saturates saturates
moles/liter x 103 Saturates - Olefins Aromatics ratio ratio
0 30 40 30 1.33 1.00
171 33 43 24 1.30 .73
247 : 39 37 24 95 .62

the oxidation results in a loss of both olefinic and aromatic compounds relative to saturates, which
are assumed not to react. The aromatic portion of the naphtha decreased faster initially than did
the olefinic portion. This effect is partly due to the formation of heavy products from reactive
substances such as pyridines, pyrroles, and sulfur compounds during the oxidation. These com-
pounds are measured in the aromatic portion of the naphtha in the method of analysis used [silica-
gel displacement (7)]. As the oxidation progresses, the olefin concentration declines more rap-
idly than the aromatic concentration, shown by the relatively sharp decrease in the olefin~saturate
ratio. The nitrogen content at the highest level shown was 0.75 weight-percent, or about 60 per-
cent of the original concentration.

" A test of the stability of the oxidized shale-oil naphtha was made by subjecting an oxidized naph-
tha to a second oxidation. The oxidized naphtha, containing 0.82 weight-percent nitrogen, was
reoxidized at 20° C. It exhibited a rate of oxidation about one-fourth that of the original
fraction. Oxygen absorbed in the first 60 hours was about 11 x 1073 moles per liter compared
with 42 x 1073 moles per liter by the original material in the same period. This test shows the
improvement in quality over the original naphtha as measured by stability to further oxidation
brought about by the first oxidation. This apparent stabilization of the naphtha by oxidation may
be due to the removal of reactive components or to the formation of substances that inhibit oxida-
tion, or both. The selective removal of nitrogen compounds in the form of heavy oxidation prod-
ucts suggests that nitrogen compounds are important reactive components. Consequently, removal
of nitrogen compounds from the naphtha fraction should lower its reactivity toward oxygen.

To examine this possibility, part of the nitrogen was removed from the naphtha fraction by silica-
gel adsorption. The method was essentially the same as that used for hydrocarbon group analysis
(7), scaled up to accommodate a large (134-gram) sample. The first 91 percent of the naphtha
fraction (122 grams) that emerged from the column was collected. This method reduced the nitro-
gen content from 1.26 to 0.67 percent. When this material was subjected to mild oxidation, the
oxygen absorption curve was found to be nearly the same as that for the reoxidized shale-oil
naphtha. A comparison of the two absorption curves is shown in figure 3. The slightly higher
rate of the silica-gel-treated sample is probably due to the slightly higher temperature of this oxi-
.dation (25° C compared with 20° C for the oxidized shale-oil naphtha). This experiment showed
that mild oxidation of the naphtha was as effective as the use of adsorbents for improving the
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quality of the naphtha. The use of oxygen (air) in a commercial process would probably be more
economical than the use of adsorbents. This experiment also indicates that nitrogen compounds
are important reactive components, and demonstrates the beneficial effects of lowering the nitro-
gen concentration of the naphtha.

The possibility that oxidized naphtha contains oxidation products that inhibit further oxidation is
being investigated. Efforts are being made to isolate and identify the volatile nonbasic-nitrogen-
contdining products whose formation is indicated by the divergence of the curves in figure 2. The
role of individual nitrogen compounds in the oxidation process and the composition of the heavy
oxidation products are also under investigation.

CONCLUSION

The results of this preliminary study indicate that mild oxidation of shale-oil naphthas could be
used to improve the quality of the naphthas. The mild oxidation results in a significant reduction
in the quantity of undesirable nitrogen compounds, leading to a naphtha of improved stability
towards further oxidation. The oxidation treatment may provide a better quality naphtha for
further processing into usable fuels. ’
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CATALYTIC REFORMING OF HYDROGENATED SHALE OIL NAPHTHA

By

L. K. Barker and P, L. Cottingham
Laramie Energy Research Center, U.S. Department of the Interior,
Bureau of Mines, Laramie, Wyoming 82070

INTRODUCTION

Catalytic reforming is a process for converting low-octane naphthas or gasolines
into high-octane products. Most catalytic reforming processes require very clean
feedstocks to avoid deactivating the catalysts. Raw shale-oil naphthas produced
during retorting or by subsequent thermal cracking of the crude shale oil have poor
color and oxidation stability; they turn dark in color and form large amounts of gum
soon after they are prepared. Their instability and their high contents of sulfur
and nitrogen compounds make them unsuitable as feedstocks to modern noble-metal
catalytic reforming processes.

To overcome the problems associated with upgrading shale-oil naphthas, produc-
tion of stable naphthas by catalytic hydrogenmation of crude shale oil or by coking
of crude shale oil, followed by hydrogenation of the coker distillate, has been
investigated (1,6). A few results on catalytic reforming of naphtha from hydrogen-
ated coker distillate have been published (6), but little information has been
published on catalytic reforming of the naphtha obtained by hydrogenating crude
shale oil. The present study was undertaken to provide information on reforming the
naphtha from hydrogenated crude over a broad range of reforming temperatures and
pressures. ’

Cyclohexane was reformed at the same conditions as those used for the hydrogén-
ated shale-oil naphtha so a comparison could be made between the results obtained
with the hydrogenated naphtha and those obtained with this good reforming feedstock.

LABORATORY PROCEDURES

Naphtha Feedstock Preparation

Shale o0il was prepared by the gas-combustion process from Green River oil shale
at the Bureau of Mines facility near Rifle, Colo. (10)., The oil was filtered to
remove spent shale dust and was separated from water by decantation and distillation.
It was then hydrogenated in a once-through operation with a cobalt-molybdenum-carrier
catalyst at a temperature of 790°F, a pressure of 1,000 psig, a liquid hourly space
velocity (LHSV) of 0.l volume of oil per volume of catalyst per hour, and a hydrogen
feed rate of 6,000 scf/bbl. The hydrogenation removed over 90 percent of the nitro-
gen and sulfur from the oil. The hydrogenated oil was fractionated with a true boil-
ing point apparatus, and the fraction that distilled between 160° and 400°F was

further hydrogenated with a nickel tungsten catalyst at a temperature of 700°F, pressure

of 1,500 psig, LHSV of 1.0, and hydrogen feed rate of 5,000 scf/bbl to reduce its

nitrogen content to 7 ppm and its sulfur content to less than 0.001 weight percent.
The light ends of the liquid product from the second hydrogenation step were distilled
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off with a cut point of 160°F, and the hlgher boiling portion of this product (amount-
" ing to 32 volume-percent of the crude oil) was used as the hydrogenated naphtha feed-
stock.

The two-stage hydrogenation procedure was used because earlier experiments had
shown that naphtha with a nitrogen content of less than 50 ppm was not produced in a
single stage with either catalyst. The cobalt molybdate catalyst produced lower cat-
alyst deposits than the mickel tungsten catalyst when hydrogenating crude shale oil,
but the nickel tungsten catalyst appeared to effect better nitrogen removal in the
second stage where & relatively clean naphtha feed was used. ' Thus, the two-stage
hydrogenation with two catalysts appeared more desirable than a two-stage hydrogena-
tion using the same catalyst in both stages.

Variables of Reforming

The experiments described here were made for the purpose of evaluating hydrogen-
ated shale-oil naphtha as a feedstock for established reforming processes. However,
finding the best operating conditions for a process is an important part of research;
failure to properly control the operating variables may result in an uneconomical
process. In the instance of reforming, variables such as those shown in table 1 deter-
mine the yield and quality of the products (7).

An exhaustive investigation of the reforming variables was not possible with the
small laboratory-size quantities of feedstock that were available, so a selection of.
the variables to be investigated was necessary., Changes in temperature and pressure
have more pronounced effects on the yield and quality of products than changes in the
other variables; therefore, to approximate the best set of operating conditions with
a commercial reforming catalyst, preselected ranges of temperature and pressure within
the usual commercial reforming ranges were chosen for investigation, with the other
variables held constant. Of the two variables, temperature and pressure, a proper
selection of operating temperature is probably more important. As the temperature is
increased, the equilibrium is shifted toward an increase in the production of aromat-
ics; alsb, hydrocracking is increased. Operation under hydrogen pressure is necessary
because at low pressure catalytic activity is quickly lost owing to coke formation.

As the partial pressure of hydrogen is lowered, hydrocracking rates and gasoline
yields decrease; aromatization rates, octane number, and hydrogen production increase.

Apparatus and Operating Procedure

. Figures 1 and 2 show the flow diagram and the equipment of the reforming unit.
The reactor was the fixed-bed type, equipped for downward flow, with an internal diam-
eter of 5/16 inch, an outside diameter of 9/16 inch, and an internal length of 38.5
inches. The reactor was charged with 8.6 ml of catalyst in the form of 1/16-inch ex-
trusions. The catalyst occupied 6.9 inches of the reactor length, and the bottom of
the catalyst bed was approximately 8.5 inches from the bottom of the reactor., The
upper part of the reactor was used to preheat the feed and hydrogen. The reactor was
inserted in a 36~ by 3-inch aluminum cylinder that was heated by a four-element fur-
nace c¢ontrolled by a four-point electronic controller.

Temperatures were measured by eight thermocouples in two vertical thermowells in
the aluminum cylinder next to the reactor. The thermocouples were spaced at 3.5-inch
intervals along the length of the reactor with the bottom thermocouple 5 inches above
the bottom of the reactor and the top thermocouple 9 inches from the top of the reactor.
Only the temperatures measured by the three thermocouples in the catalyst region were
used for the reaction temperatures,

For convenience, hydrogen (99.% pct purity) from standard shipping cylinders was
substituted for the highly concentrated hydrogen recycle gas that is normally used, to
keep coke laydown on the catalyst to a minimum, At the beginning of each run, before

S
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v 'liquid feed was stavted, the system was pressurized with helium, and helium was fed
through the system at a slow rate for several hours while the furnace was heating

| the reactor to reaction temperature., After the reactor reached the desired reaction
temperature, the helium was replaced by hydrogen and the feed pump was started. The

| feed was pumped by a positive displacement pump at the rate of 25 cc/hr, and the

} hydrogen was metered through a rotameter at the rate of 3,000 scf/bbl. After passing
through the reactor, the oil and gas were cooled through a double-pipe heat exchanger

) and then passed into a low-pressure receiver., Outlet gases were reduced to atmos-

*+ pheric pressure, metered through a positive-displacement dry meter, and stored in a

9 small stainless steel tank from which samples were taken for amalysis. The liquid

?‘product was separated into stable and heavy reformates at a cut point of 400°F at

‘760 mm pressure using a Vigreux column and a condenser. There was a trace of heavy
reformate in all samples.

A total of 27 tests was run., The first nine tests were run while some minor
revisions to the new equipment were being made, and data from these runs are not re-
A ported, Nine tests were made with cyclohexane and nine with shale-oil naphtha. All
 tests were carried out at a nominal LHSV of 3 volumes of oil per volume of catalyst
} per hour and a hydrogen feed rate of 3,000 scf/bbl. The experiments were run for
N onstream test periods of 17 to 24 hours, with total throughputs of 50 to 70 volumes
of feed per volume of catalyst. Operatlng pressures of 200, 400, and 600 psig were
used at nominal temperatures of 850° 875°, and 900°F. The furnace surrounding the
reactor permitted the tests to be made essentlally isothermally. Specific details
for the individual runs are given in tables 2 and 3.

\
\, ' Catalyst

The catalyst was commercial platinum-on-silica-alumina in the form of 1/16-inch-
! diameter extrusions, It had been treated with a halide during manufacture to promote
t acid-catalyzed reforming reactions. Fresh catalyst was used for each reforming run.
)

. RESULTS AND DISCUSSION

Catalytic reforming improved the quality of motor fuel rather than its yield.
Reforming differs from cracking processes because the charge stocks are already in or
knear the boiling range of gasoline (6). The main reactions of catalytic reforming
dre shown in figure 3 (9).

Several samples of the stable reformate were submitted for mass spectral group-
type analysis, The method, which is limited to samples of low olefin content (3
percent or less), determines six classes of hydrocarbons: Paraffins, monocycloparaffins,
dicycloparaffins, alkylbenzenes, indanes and tetralins, and naphthalenes. The analyt-
. ical results are presented in table 3 and shown graphically in figure 4.

- From the mass spectral group-type analysis, it is apparent that naphthene dehydro-
genation is the dominant reaction. This occurs more easily with an increase in tem-

perature and a decrease in pressure, and it increases the octane number by a very
\noticeable extent.

The paraffin carbon numbers and the alkylbenzene carbon numbers wére also deter-
mined from the spectral group-type anmalysis, These numbers are the average number
of carbon atoms per molecule in the straight chain paraffins and the alkylbenzenes.
The spectral analyses in table 3 show that the average paraffin carbon number decreased
in all but one run and the mole percent of paraffins increased in all runs. This
indicates that there was some hydrocracking of the large straight chain paraffins into
smaller straight chain paraffins. Hydrocracking makes shorter paraffins which have a
~higher octane, but severe hydrocracking is undesirable because it gives poor yields-
caused by the light gases that it makes,
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A composite sample of the spent catalyst from all of the reforming runs with
hydrogenated naphtha was analyzed and found to contain 1,12 weight-percent hydrogen,
4.76 weight percent carbon, and 87.23 weight percent ash. Most of the carbon probably
came from cracking of the feedstock.

Figures 5-A and 5-B show that as temperature was increased the APIL gravity
decreased, but the increase of cracking, ignoring othgr changes in composition, should
have made the API gravity increase. The decrease was probably caused by the increase
of aromatics as shown in figures 5-C and 5-D.

Figure 6 shows that-as temperature increases the product yield decreases quite
rapidly and the octane increases quite rapidly. Aromatics have very high octane
numbers, and a comparison of figures 5-C and 5-D with figures 6-C and 6-D, and an
examination of the mass spectral analyses, show that the increase in octane was caused
mostly by an increase in aromatics.

The optimum operating condition for each pressure occurs at the point where the
yield-octane number, defined as the product of the volume-percent yield and the octane
number divided by 100, is at a2 maximum. Yield-octane numbers were calculated for the
reforming experiments and are given in tables 2 and 3 and figure 7.

The best quality reformate, with an 89 clear research octane number and a yield
of 79.9 volume percent, had the highest yield-octane number (71l.1) and was obtained
at the highest temperature (900°F) and lowest pressure (200 psig). This suggests
that the optimum operating condition would be at a higher temperature than those
investigated. At the higher temperatures, octane numbers would be expected -to in-
crease further but would eventually level off while gas production would continue to
increase, causing the curve for yield-octane number versus temperature to go through
a maximum and curve downward., The limited amount of feedstock available did not per-
mit the determination of the temperatures at which these effects would occur,

To determine where the curves should be drawn in figures'S‘ 6, and 7, all nine
sets of data in each part of each figure were used to derive one equation of the
form (4):

Y=A+b:+cp+d§

where Y = dependent variable
t = temperature, °F
P = pressure, psig

a,b,c,d = constants

Thus, the data obtained at all three pressures influenced the position of each curve
at any one pressure. For this reason the curve at any individual pressure does not
necessarily go through the data points for that particular pressure. Although tem-
perature and pressure had considerable effect on the dependent variables, the inter-
action terms (d —) in the equations had little effect.

SUMMARY AND CONCLUSIONS

Good quality reformates were produced from the naphtha prepared by hydrogenation
of crude shale oll. The best quality reformate was produced at 900°F and 200 psig,
which were the highest temperature and lowest pressure tested. This reformate had a
clear research octane number of 89 and a yield of 80 volume percent. Results indicated
that a higher operating temperature might give a better yleld octane relationship.

N e e S
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TABLE 1, - Reforming variables

Catalyst
Pressure
Temperature
Space vélocity

Hy/naphtha ratio

Time

Naphtha

Impurities (§,N,0, metals)
Regeneration A

Startup procedure
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MEMBERSHIP IN THE DIVISION OF FUEL CHEMISTRY

The Fuel Chemistry Division of the American Chemical Soclety is an internationally
recognized forum for scientists, engineers, and technical economists concerned with
the conversion of fuels to energy, chemicals, or other forms of fuel. Its interests
center on the chemical problems, but definitely include the engineering and economic
aspects as well. Further, the Division is strengthening its coverage of areas of air
and water pollution, gasification, and related areas.

Any chemigt, chemical engineer, geologist, technical economist, or other scientist
concerned with either the conventional fossil fuels, or the new high-energy fuels--
whether he be in government, industry, or independent professional organization--
would benefit greatly from participation in the progress of the Fuel Chemistry
Division.

The Fuel Chemistry Division offers at least two annual programs of symposia and gen-
eral papers, extending over several days, usually at National Meetings of the American
Chemical Society. These include the results of research, development, and analysis in

the many fields relating to fuels which are so vital in today's energy-dependent economy.

Members of the Division have the opportunity to present papers of their own, or partici-
pate in discussions with experts in their field. Most important, the Fuel Chemistry
Division provides a permanent record of all of this material in the form of preprints,
which are sent free to all members several weeks before each meeting.

Symposia of significant content and broad interest have been published ag part of the
Advances in Chemistry Series and by other scientific book publishers. Landmark sym-
posia on Fuel Cells, Advanced Propellant Chemistry, Gasification, and Spectrometry are
already in print. When these volumes are available they are usually offered first to
Division members at greatly reduced cost.

In addition to receiving several volumes of preprints each year, as well as regular
news of Division activities, benefits of membership include: (1) Reduced subscription
rates for "Fuel" and "Combustion and Flame,” {2) Reduced rates for volumes in the
"Advances in Chemistry Series" based on Division symposia, and (3) The receipt card
sent in acknowledgment of Division dues is good for $1.00 toward a complete set of
abstracts of all papers presented at each of the National Meetings.

To join the Fuel Chemistry Division as a regular member, one must also be or become a
member of the American Chemical Society. Those not eligible for ACS membership because
they are not practicing scientists, engineers, or technical economists in areas re-
lated to chemistry, can become Division Affiliates. They receive all benefits of a
regular member except that they cannot vote, hold office, or present other than invited
papers. Affiliate membership is of particuler value to those in the information and
library sciences who must maintain awareness of the fuel area. Non-ACS scientists
active in the fuel area and living outside of the United States are also invited to
become Division Affiliates.

Membership in the Fuel Chemistry Division costs only $4.00 per year, or $11.00 for
three years, in addition to ACS membership. The cost for a Division Affiliate, with-
out joining ACS, is $10.00 per year. For further information write to:

Dr. Harold L. Lovell
Secretary-Treasurer

ACS Division of Fuel Chemistry
Pennsylvania State University

109 Mineral Industries Building
University Park, Pennsylvania 16802
Telephone: Area 814 - 865-2372
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RECENT FUEL DIVISION SYMPOSIA

Title

Presented At

‘Vol. 14, No. 1

Vol, 14, No. 2

Vol. 14, No. 3

Vol. 14, No. 4
Parts I and II

T T T A

Vol. 14, No. 5

Vol. 15, No. 2

I— e g— Y T

Vol. 15, No. 3

/

— -3

Vol. 16, No. 1

Vol. 16, No. 2

b

Vol. 16, No. 3

L
T Vol. 16, No. L
B

\

N

}
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Vol. 15, No. 1

Symposium on Coal and Coal Based Carbons
Symposium on Petrographic, Chemical, and
Physical Properties of Coal

Symposium on Coal Combustion in Present and
Future Power Cycles

Synthetic Fuels Symposium No. 3 - Economics
of Solid Fuel Conversion Processes
General Papers

Symposium on Hydrogen Processing of Solid
and Liquid Fuels

Symposium on High Temperature and Rapid
Heating Reactions of Fuels

Symposium on Shale 0il, Tar Sands and
Related Materials

Symposium on Combustion
Symposium on Pollution Control in Fuel
Combustion, Mining and Processing

Symposium on Gasification of Coal
General Papers

Symposium on Quality of Synthetic Fuels,
Especially Gasoline and Diesel Fractions,
and Pipeline Gas

Symposium on Preparation and Properties of
Catalysts for Synthetic Fuel Production
General Papers

Symposium on Modern Methods of Fuel Analysis

Symposium on Non-Fossil Chemical Fuels

Toronto, Canada
May, 1970

Toronto, Canada
Mey, 1970
Chicago, Tllinois
September, 1970
Chicago, Tllinois
September, 1970

Chicago, I1linois
September, 1970

Los Angeles
March, 1971

Washington, D. C.
September, 1971
Washington, D. C.
September, 1971
Boston, Mass.

April, 1972

Boston, Mass.
April, 1972

Boston, Mass.
April, 1972

Boston, Mass.
April, 1972




.DIVISION OF FUEL CHEMISTRY

PROJECTED PROGRAMS

Envirommental Pollution Control - Part I. Removal of
Oxides of Sulfur and Nitrogen from Combustion Product
Gases

Robert M, Jimeson

Environmental Pollution Control - Part II. Removal
of Sulfur from the Fuel
Robert M. Jimeson

Stbrch Symposium

General Papers
Wendell H. Wiser

S&@sium on the Power Industry of the Future -
Fossil and Fission Fuels
Joint with IEC Division - Develop by IEC

Novel Combined Power Cycles
S. Fred Robson

Fuel from Waste Products
H. R. Appell

Carbon Monoxide Production and New Uses
J. S. Mackay

Synthetic Fuel Gas Purification
H. S. Vierk

Coel Gasification
L. G. Msssey

General Papers
F. Schora

" New York, N. Y.

August, 1972

New York, N. Y.
August, 1972

New York, N. Y.
*August, 1972

New York, N. Y.

August, 1972

New York, N, Y.

August, 1972

Dallas, Texas
April, 1973

- Dallas, Texas

April, 1973

Dallas, Texas
April, 1973

Dallas, Texas
April, 1973

Dallas, Texas
April, 1973

‘Dallas, Texas

April, 1973




